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Abstract 
 
The catalytic partial oxidation (CPO) of natural gas over noble metal catalysts is an attractive way 
to obtain syngas (CO and H2) which can be employed for downstream processes to produce 
synthetic fuels. The preliminary conversion of methane to syngas is also interesting in the context of 
advanced combustion systems with reduced NOx emissions. Several catalysts have been studied for 
CPO of methane, but Rh-based systems have established as the best performing catalysts in terms of 
both activity and selectivity. 
 
Sulphur poisoning is a tricky issue for industrial processes, leading to catalysts loss of activity. 
Recently, the presence of sulphur containing compounds naturally occurring in natural gas or added 
as odorants necessary for safety reasons, was recognized as a serious drawback for the costly Rh 
catalysts. Indeed, sulphur adversely affects the catalytic performance during catalytic partial 
oxidation adsorbing onto Rh active sites, causing a (reversible) suppression of their steam 
reforming activity, with an associated risk of catalyst overheating during CPO autothermal 
operation. Therefore the development of catalysts that are intrinsically sulphur tolerant and are not 
readily poisoned by the amounts of sulphur commonly found in natural gas is desirable. 
 
On the basis of recent works that have shown that metal phosphide catalysts have promising 
hydrodesulphurization (HDS) properties due to a higher sulphur tolerance than the correspondent 
metal based catalysts, in this work, a novel structured Rh catalyst doped with phosphorous and 
supported on alumina, has been prepared and investigated during the CPO of methane under self-
sustained conditions at short contact time in the presence of sulphur. Results were compared with 
the reference undoped Rh/γAl2O3, showing a significant enhancement of the specific steam 
reforming reaction rate of P-doped catalyst, and a higher sulphur tolerance. Both the findings were 
correlated to the presence of phosphorous, whose interaction with Rh improved the metal dispersion 
on the support and inhibited the strong sulphur adsorption lowering the resulting surface S 
coverage. 
 
Since natural gas may comprise significant amounts of ethane beside methane, the CPO of ethane is 
also object of study, in the view of a direct use of natural gas as feed at the on-site gas field without 
separating respective components. The importance of the role of the gas phase chemistry, which 
was found negligible in the case of CH4 CPO over Rh and Pt catalysts, increases for higher alkanes 
  
 
 
following the progressive lower stability of the C-H bond, as in the case of CPO of ethane or 
propane, when large quantities of ethylene can be formed with Pt based catalysts (but not with Rh).  
However, the literature data available in the field of sulphur poisoning during CPO of higher 
hydrocarbon is so far scarce and somehow contradictory. 
Therefore, in the second part of this PhD thesis, the effect of sulphur addition to the feed during the 
CPO of ethane for syngas production (C2H6/O2=1) has been investigated over more conventional 
Rh and Pt catalysts supported on a γ-alumina washcoat anchored to honeycomb monoliths. The 
findings obtained confirmed the previous results on CPO of methane on Rh: sulphur addition 
resulted in a rapid and reversible poisoning, depending on its concentration. However the adverse 
impact of sulphur is much larger on Rh than on Pt. Due to the more complex chemistry of ethane, 
two main effects related to the presence of sulphur during its CPO have been identified: i) the 
strong inhibition of the hydrogenolysis of ethane to methane occurring on Rh but not on Pt; ii) the 
progressive inhibition of steam reforming of both the reactant (ethane) and one of the products, 
ethylene, whose formation  in turn increases after the introduction of sulphur. The latter result was 
also observed for Pt catalyst. Since ethylene is thought to be mainly formed by the homogeneous 
oxidative dehydrogenation of ethane, this result suggested the possibility to take advantage of 
selective sulphur poisoning in order to maximize the formation of ethylene.  
 
The oxidative catalytic conversion of light alkanes (in particular ethane) to olefins is an attractive 
solution to obtain ethylene and propylene, the most important building blocks for the polymers 
industry. The CPO of ethane to ethylene (stoichiometric feed ratio C2H6/O2=2) is characterized by a 
complicated chemistry which involves both heterogeneous and homogeneous reaction paths, whose 
contribution and synergy may be strongly alterated by S-poisoning. 
In the final part of this PhD work, S-poisoning of catalytic steam reforming of C2H6 and C2H4 has 
been investigated as a strategy to increase the process selectivity and yield to ethylene during the 
CPO of ethane to ethylene (C2H6/O2=2) over Rh and Pt catalysts. In other words, the possibility to 
use sulphur as an intentional selective poison of undesired heterogeneous reactions to boost the 
production of ethylene has been exploited. At the same time, taking advantage of the selective 
poisoning of sulphur on catalytic reforming paths, an attempt has been done to shed light on the 
complex interaction of hetero-homogeneous chemistry available in a C2H6 CPO reactor, to 
understand the contribution of heterogeneous reforming reactions to the overall performance of the 
reactor. 
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1. Introduction 
 
The demand for energy is continuously increasing as the world population keeps growing and 
economies develop. Moreover, the increased demand is enhanced by the requirement for cleaner 
sources of energy to minimize impact on the environment [1]. 
Currently, gasoline and petroleum based energy is being replaced worldwide, as its price is 
revealing a rising trend [2], indeed the demand for natural gas is likely to overtake other fossil fuels 
due to its availability, accessibility, versatility and smaller environmental footprint [1]. 
Natural gas is a gas mixture consisting mainly of methane (CH4), some higher alkanes and low 
percentage of carbon dioxide and nitrogen [3]. 
 
Component % mol 
Methane (CH4) 83.0-97.0 
Ethane (C2H6) 1.5-7.0 
Propane (C3H8) 0.1-1.5 
Butane (C4H10) 0.02-0.6 
Pentane (C5H12) ≤0.08 
Hexanes plus (C6+) ≤0.06 
Nitrogen (N2) 0.2-5.5 
Carbon dioxide (CO2) 0.1-1.0 
Oxygen (O2) 0.01-0.1 
Hydrogen (H2) ≤0.02 
 
Table 1: Composition of natural gas [3]. 
 
The International Energy Agency (IEA) proposed in May 2012 (IEA, 2012) that global demand for 
natural gas could rise more than 50% by 2035, from 2010 levels [1]. 
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Figure 1: Portfolio Energy demand 2000-2030 [4]. 
 
Nowadays, global natural gas reserves are increasing as the rate of new discovery is greater than the 
rate of consumption [1]. Indeed, a substantial amount of the global natural gas resources remains in 
remote locations, as it has done for several decades. Monetization of these gas reserves commonly 
requires large amounts of capital investment to build processing and export infrastructure [1]. The 
physical nature of natural gas, very different from that of oil, needs elevated costs for its transport 
from “remote” areas to the markets of consumption, primarily Europe and the United States. 
Accordingly, only 20% of the gas produced is object of transportation on long distances, 5% via 
LNG (liquefied natural gas) and 15% via pipeline [4]. 
Industry is currently facing the challenge of reducing this geographical imbalance by developing 
technologies and processes to market remote natural gas reserves. Conversion of methane to more 
useful and easily transportable chemicals (liquids) has therefore been given high priority by 
scientists in the chemistry society. At this time, the only economically available route for the 
conversion of methane into more valuable chemicals is via synthesis gas. Methods to enhance the 
value of natural gas, either by synthesising more valuable chemicals or more readily transportable 
products, have been investigated, particularly in the last 20 years [5]. The conversion of methane 
into value-added products is a challenging task and the main reason for this is the high CH3–H(g) 
bond dissociation energy (439.3 kJ/mol). Heterogeneous catalysts have therefore been a key to the 
successful conversion of methane. The reason for this is that once methane is adsorbed on a metal 
surface, the bond dissociation energies CHx–H depends on the hosting surface metal, and the total 
bond dissociation energy appears to be useful for identifying promising catalysts.  
The relevance of the via-synthesis gas processes is recognized and further developments will occur 
in forthcoming years [6]. Synthesis gas is now produced for obtaining: i) the H2 required by the 
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refining processes and by the NH3 and Urea synthesis, ii) the MeOH and its derivatives, iii) 
synthetic oils and fuels through the Gas To Liquid (GTL) processes and iv) electric energy with the 
Integrated Gasification Combined Cycles (IGCC) [7]. 
 
Gas to Liquid (GTL) processes have received great attention as an effective technology for 
converting natural gas to ultra clean liquid fuels. Evolution in Fisher-Tropsch reactor brought the 
growth in the capacity of FT process to tens of thousands of barrels per day. In order to improve the 
total energy efficiency of GTL process, the syngas production reactor has been also developed 
because, in GTL process, the capital cost of syngas production section is considered the largest 
portion of the total capital cost. Therefore, reduction in syngas generation costs would have a large 
and direct influence on the overall economics of these downstream processes. Furthermore, the 
reduction of greenhouse gas, such as CO2 emission, is strongly required for the suppression of the 
global warming. Therefore the development of more compact synthesis gas production processes 
with high energy efficiency is desired [8].  
 
In addition, reforming natural gas or liquid hydrocarbons into syngas is the initial step in all fuel 
reforming systems being developed to power the hydrogen economy of the future. In hydrogen 
production systems syngas generation is generally followed by a water gas shift (WGS) and a CO 
clean up reactor or a hydrogen separation device to yield fuel cell quality hydrogen.  
 
In combustion systems operating on natural gas, such as power turbines and utility burners, 
preliminary conversion of methane into syngas can help in stabilizing lower temperature flames 
reducing NOx emissions [9]. In such systems, the hydrocarbon fuel is mixed with a first air stream 
to form a fuel/air mixture having an equivalence ratio greater than one and it is partially oxidized by 
contacting with an oxidation catalyst to generate a heat of reaction and a partial oxidation product 
stream comprising hydrogen, carbon oxides, primarly CO, and unreacted hydrocarbon fuel. 
Catalytic oxidation in this context means a flameless, rapid oxidation reaction carried out at a 
temperature below that required to support thermal combustion, that is, conventional combustion 
with a flame, and below which thermal NOx are formed in appreciable amounts. Partial oxidation 
means that there is insufficient oxygen available to completely convert the fuel to CO2 and H2O and 
to fully liberate the chemical energy stored in the fuel. The partial oxidation product stream is then 
mixed with a second air stream and completely combusted in a main combustor in which the 
adiabatic flame temperature and flame stability characteristics depend on the temperature and 
composition of the partial oxidation product stream and the equivalence ratio in the combustor. In 
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general, the H2 in the partial oxidation product stream enhances flame stability because H2 is lighter 
and more reactive than the original fuel and mixes better with the second air stream. A more stable 
flame permits the main combustor to be operated at a lower equivalence ratio, which produces a 
lower adiabatic flame temperature and less thermal NOx [10]. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 - 5 - 
 
1.1 Syngas from methane 
 
The current worldwide production capacity of H2 through syngas amounts to ca. 80 MTPY and it is 
mainly devoted to NH3 synthesis, refining operations and MeOH synthesis. 
 
 
Figure 2: Estimated H2 production capacities (2012) devoted to the main via-synthesis gas 
processes [6]. 
 
The corresponding invested capital in the synthesis gas production plants is around 180 BEu and it 
is estimated to grow in the following 5 years for approximately 3,000 MEuPY [6]. Three main 
technologies are commercialized by engineering and gas producing companies: the Steam 
Reforming (SR) [11-12], the non-catalytic Partial Oxidation (POx) [13] and the AutoThermal 
reforming (ATR)[14-15] even if they remain energy and capital intensive processes. 
Although not yet commercialized and fully applied in industry, dry reforming of methane has 
recently attracted significant attention from both industrial and environmental sectors. 
Short Contact Time – Catalytic Partial Oxidation (SCT-CPO) is among the new technologies that 
has reached the industrial level of development [6]. In the next section, a brief description of all 
these processes is given, focusing on pro and cons of each technology. 
 
1.1.1 Steam reforming 
 
Currently most syngas is produced on large scale by steam reforming (SR). In this endothermic 
reaction, generally represented by equation (1.1), methane reacts with steam over a heated catalyst 
at high pressures and temperatures to produce syngas with high hydrogen content [8]. 
CH4 + H2O → CO + 3H2 ,             
    = +206 KJ/mol                                                               (1.1) 
 - 6 - 
 
Steam reforming has been used for many decades since first developed in the late 1920s and over 
the years there have been many advances in reforming technology. The reaction is highly 
endothermic and it takes place in tubes located inside a furnace. Heat for the endothermic reformer 
reactions is provided by direct burning of natural gas and the tail gas from the synthesis loop. 
Consequently, the reformer tubes are subject to very high thermal stress. In most cases the outlet 
temperature from the reformer is in the interval of 700–950 °C, the outlet pressure between 15 and 
40 bar. A major drawback is that the residence time in steam reforming reactions are of the order of 
seconds. Therefore, large reactors are required for a large output of hydrogen. The rate of syngas 
production is typically limited by the rate at which heat can be transferred from the furnace to the 
catalyst inside the reactor tubes, since the reaction takes place at such a high temperature and the 
heat transfer is mainly via radiation to the tubes. In order to increase the effluent temperature and 
the methane conversion, it is necessary to increase that heat transfer capability. Producing hydrogen 
at the large quantities required by the industrial processes has therefore led to very large reactors 
with hundreds of tubes having small diameters in order to achieve the highest possible flux to the 
catalyst [16].  
The current industrial catalysts for steam reforming are usually based on nickel, however, Ni 
promotes carbon formation, which leads to catalyst deactivation resulting in blockage of reformer 
tubes and increased pressure drops, therefore a periodic shutdown of the reactor is required. To 
overcome this problem, and render carbon formation thermodynamically unfavorable, excess 
quantities of steam to the feedstock are added into industrial steam reformers. However, while 
suppressing carbon formation, this practice creates a new problem, namely an increase in the H2/CO 
and/or CO2/CO ratios, where low ratios are desirable for optimal downstream processes. A big 
disadvantage of the steam reforming processes is that the production of syngas is accompanied by 
the emission of large quantities of CO2 into the atmosphere. 
A possible reaction enhancement can be obtained by removing either H2 or CO2, resulting in a 
lower temperature of operation, which in turn may alleviate the problems associated with catalyst 
fouling, and high process energy requirements. The standard steam reforming process can be 
transformed into a cleaner technology moving to a sorption–enhanced steam reforming of natural 
gas which is an innovative concept of precombustion decarbonization technology to convert fuel 
with in situ CO2 capture. The modified process involves CO2 emissions almost equal to those 
produced from renewable based processes [17]. The reaction is performed over catalytic bed mixed 
to a proper sorbent: in this way the equilibrium is shifted toward the H2 product direction via 
selectively adsorbing the co-generated CO2 [18-19]. Several advantages can be gained from this 
concept such as (1) lower operational temperatures (400–500 °C) than those in conventional steam 
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reformers, (2) the process is presumed to achieve a conversion higher than 95% even at relatively 
lower temperatures, (3) lower capital costs, (4) minimization of unfavourable side reactions, (5) 
reduction of excess steam used in conventional steam reformers. 
 
1.1.2 Non Catalytic Partial Oxidation  
Partial oxidation is a process in which the quantity of oxidizer is less than that stoichiometric 
requested for the complete combustion of a hydrocarbon fuel. The overall reaction describing the 
partial oxidation of methane is: 
CH4 + ½O2 →CO + 2H2 ,             
    = -36 KJ/mol                                                                   (1.2) 
Typically, preheated natural gas and oxygen are fed to the reactor. They are mixed by a burner and 
react with flame temperatures of 1300–1500 °C to ensure complete conversion [20]. The reactor is 
refractory lined to sustain the high temperatures of the produced syngas. The outlet temperature is 
in the order of 1000–1100 C, and the gas at this stage is near thermodynamic equilibrium with a 
narrow range of H2/CO = 1.7–1.8. 
The efficiency of the partial oxidation process depends on the conversion efficiency of natural gas 
to hydrogen and carbon monoxide and the efficiency of the produced syngas sensible heat recovery. 
Partial oxidation of natural gas from gaseous or liquid hydrocarbons is a commercialized 
technology, for example, by Texaco and Shell [21]. These processes use a waste-heat boiler 
configuration for heat recovery: superheated steam is produced for utilization in steam turbines for 
power generation  
POX process provides a simplified system due to absence of external water supply, therefore, it is 
potentially less expensive. Moreover it has the capability to process a variety of gaseous and liquid 
hydrocarbon fuels including methane, LPG, gasoline, diesel fuel, methanol, etc.  
The main drawback of partial oxidation is the requirement of oxygen, thus an expensive cryogenic 
air separation unit has to be provided, typically amounting to 30-40% of the investment of the 
syngas unit. [22]. POX process suffers also from other disadvantages: reformate gas, in the case of 
air as oxidant instead of pure oxygen is heavily diluted with nitrogen leading to a lower calorific 
value; in addition, some soot is normally formed and it has to be removed in a separate soot 
scrubber system downstream of the partial oxidation reactor. [22].  
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1.1.3 Autothermal reforming 
 
Another process for synthesis gas production is the autothermal reforming: a combination of 
homogeneous partial oxidation (1.2) and steam reforming (1.1) which was first developed in the late 
1970s with the aim of carrying out reforming in a single reactor.  
CH4 + ½ O2 → CO + 2H2,             
    = -36 KJ/mol                                                                  (1.2) 
CH4 + H2O ↔ CO + 3H2,             
    = +206 KJ/mol                                                                (1.1) 
The preheated feed streams (H2O + CH4 and H2O + O2) are mixed in a burner located at the top 
where the partial oxidation reactions take place. H2O is added to the feed streams to prevent carbon 
formation and allow premixing of CH4 and O2. The final steam reforming and equilibration take 
place in the catalyst bed below the burner. At normal operation, the autothermal reforming operates 
at high temperatures around 1500°C in the combustion zone and l000-1200°C in the catalytic zone. 
An undesired side reaction in the combustion zone is the formation of carbon or soot which leads to 
solid carbon deposition on the catalysts and subsequent deactivation. Gas phase carbon forms soot 
on downstream surfaces thereby causing equipment damage and heat transfer problems. Excessive 
local temperatures also lead to burner damage. This also calls for a catalyst of high thermal stability 
and mechanical strength. Moreover, the Air Separation Unit (ASU) for production of pure oxygen 
accounts also in this case for a large part of the investment of the production of synthesis gas. 
 
1.1.4 Dry reforming 
 
In recent years, the carbon dioxide reforming of methane (DRM) to syngas (1.3) has gained 
renewed interest from academic and industrial point of views [23-25].  
CH4 + CO2 ↔ 2 CO + H2,             
    = +247 kJ/mol                                                                 (1.3) 
It provides a low H2/CO ratio (≤1) which is suitable for processes in hydrocarbon formation and the 
synthesis of valuable oxygenated chemicals. Moreover this reaction offers an environmental benefit 
since it allows the conversion of two greenhouse gases, namely CH4 and CO2, into valuable 
products [23,26-30]. At last, due to its high reaction enthalpy, it is an attractive as a choice of media 
in solar–chemical energy transmission system [27-28]. Carbon dioxide is also a significant 
component of natural gas at many locations, which may be an incentive to apply in part CO2 
reforming rather than separating methane and CO2 [31].  
Biogas is renewable energy carrier with a potential for diverse end-use applications such as heating, 
combined heat and power (CHP) generation, transportation fuel (after being upgraded to 
biomethane) or upgraded to natural gas quality for diverse applications [32]. Biogas is a mixture of 
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methane and carbon dioxide produced from the anaerobic microbial digestion of biomass. Thus, dry 
reforming reaction is an useful option that has the potential to fully utilize the energy contained in 
the biogas [33]. 
 
However, large scale dry reforming remains a significant challenge since the process is strongly 
endothermic, it requires high temperatures (typically, 800-900°C) and, under such severe 
conditions, deactivation of the catalyst due to carbon deposition and/or sintering of the metal often 
occurs [26,29]. Among the catalysts developed, supported Ni catalysts have been extensively 
investigated due to their relatively high activity and low cost with the results generally showing that 
despite high initial activity, these catalysts are often prone to deactivation due to carbon formation 
[34-38]. Recent literature also indicated that Rh based catalysts, although their relatively high cost, 
provide high selectivities with carbon-free operations and high activities [39]. Potential use of dry 
reforming of methane in the production of synthesis gas strongly depends upon the development of 
active and stable catalysts which do not deactivate quickly [30]. 
One way to overcome the drawback of high energy requirement could be the introduction of an 
exothermic reaction, such as partial oxidation of methane. This combined reaction system is named 
as Oxy-CO2 Reforming of Methane (OCRM). This kind of reaction system can reduce not only the 
total energy requirement, but also the amount of carbon deposition since the oxygen available in the 
reaction system can easily oxidize the deposited carbon on the catalyst. Another distinct advantage 
is that the OCRM reaction enables production of syngas with various ratios of H2/CO via 
manipulation of the feed composition. 
 
1.1.5 Catalytic Partial Oxidation 
  
Over the years the emphasis has been on minimizing the use of expensive steam moving steadily 
from steam reforming to partial oxidation of CH4/O2 mixtures: 
CH4 + ½O2 → CO + 2H2 ,            
    = -36 KJ/mol                                                                   (1.2) 
Even if the hydrogen yield is lower than in the case of steam reforming, the catalytic partial 
oxidation route offers different advantages. First of all, partial oxidation is mildly exothermic, thus, 
the adiabatic reactor avoids the use of external burners to provide the heat required when 
endothermic reforming reactions are involved. The exothermic behavior simplifies the design, 
operation and costs of this process as compared with the conventional reforming technologies for 
low to medium size facilities. . An estimated 10-15% reduction in the energy requirement and 25-
30% lower capital investment is expected for catalytic partial oxidation compared to the typical 
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steam reforming processes. In addition it can be combined with endothermic reactions, such as dry 
reforming, as stated above, to make these processes more energy efficient. Moreover the H2/CO 
ratio produced in stoichiometric partial oxidation is around 2, and this ratio is ideal for downstream 
processes, in particular for Fischer-Tropsch process or high value chemicals synthesis, such as 
methanol [40]. This avoids the need to remove valuable hydrogen, which is produced in excess in 
steam reforming. In addition, control over a CPO reactor is simple if compared to the control over a 
SR reactor. In the SR process it is necessary to assure balance between heat generation on the 
combustion side and heat consumption on the reforming side along the entire length of the reactor 
and this requires intensive control over the flow rates and flow distribution. In the CPO process, 
performance is essentially determined by the methane to oxygen ratio in the inlet mixture, such that 
only this parameter should be controlled. Furthermore the product gases from methane partial 
oxidation can be extremely low in carbon dioxide content, which must often be removed before 
synthesis gas can be used downstream. Since this process operates at temperatures below 1000 ºC 
there is no significant production of NOx unlike from steam reforming, in fact, for the latter, flames 
inside the furnace can reach temperatures of 1500 – 2000 °C, high enough to produce significant 
quantities of harmful pollutants like NOx. The absence of homogeneous reactions prevents the 
formation of undesired soot which can not be avoided during non-catalytic partial oxidation. 
Although CPO has never been used commercially, it is most promising because it offers the 
advantages above mentioned. However, a challenge to take in account for the commercialization of 
CPO is the use of pure oxygen that seems to be a requirement in cases where nitrogen (from air) is 
undesirable in high-pressure downstream processes. This means that an oxygen separation plant 
may be necessary, increasing the investment costs of the production of synthesis gas. 
Nevertheless, if CPO is performed under adiabatic conditions, the overall exothermic nature of 
catalytic partial oxidation of methane could lead to the formation of hot spots. However, if the 
catalytic material has a high thermal conductivity this may help to distribute the excess heat through 
the catalyst bed or monolith, reducing the presence of small local hot spots. On the other hand, the 
exothermicity of this reaction could be convenient recovering the generated heat operating the CPO 
reactor under non adiabatic conditions, as it happens in advanced combustion systems. Indeed, CPO 
of various hydrocarbons has been proposed as a preliminary conversion stage for advanced 
combustion systems such as hybrid gas turbine catalytic burners [10,41]: in this case a fuel-rich/air 
mixture is first catalytically converted to partial oxidation products which are subsequently burnt 
with excess air to complete the combustion in a relatively cold and very stable homogeneous flame, 
allowing strong reduction of NOx emissions [10,41]. Recently, a novel staged hybrid catalytic gas 
burner, schematized in Fig.3, with integrated interstage heat removal by IR radiation from the hot 
 - 11 - 
 
catalytic partial oxidation reactor/radiator has been proposed [42]. This represents a solution to take 
advantage of the exothermicity of the reaction. Moreover, the recent advent of H2 as a potential 
alternative for fossil fuel, and increasing availability of hydrogen-containing fuels, i.e. from 
biomass/coal conversion processes, have generated interest in the possible use of hydrogen-
hydrocarbon blends in combustion devices. 
 
Figure 3: Schematization of hybrid catalytic gas burner. 
 
Hybrid gas turbine catalytic burners can be considered as a promising candidate also for hydrogen-
hydrocarbon blends. The fuel-air mixture fed to the burner is generally above its upper flammability 
limit, therefore this technology is intrinsically safe even for fuel with a larger range of flammability 
as H2-CH4 mixtures. 
 
The term short-contact time (SCT) typically refers to conditions where the residence time is within 
the range of a few milliseconds [43]; in the CPO process, the short contact time enables the design 
of compact reactors for fuel conversion with extremely high power density. The short contact time 
guarantees a very high throughput using a small amount of catalyst and low energy and capital 
costs. Indeed, the SCT-CPO of methane to syngas provides close to 100% methane conversion and 
>90% syngas yields in millisecond contact times in small reactors ideal for decentralized 
applications in a remote gas field. Furthermore, at the extremely high power density for the CPO 
process small, simple and inexpensive bench scale reactors can be directly used to produce syngas 
for industrial scale applications. This will promote utilization of natural gas in a broad range of 
efficient and environmentally friendly energy generation processes. On such basis, CPO at short 
contact time technology is intrinsically suited for process intensification and therefore it has 
emerged as a favourable approach for onboard reforming of gaseous or liquid fuels for automotive 
and residential fuel cell systems. 
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Figure 4: Scheme of the most important methane applications via syngas as an intermediate. 
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1.2 Catalysts for catalytic partial oxidation 
 
1.2.1 A brief historical summary 
 
The first papers detailing the catalytic partial oxidation of methane to synthesis gas were published 
in 1929 by Liander, in 1933 by Padovani and Franchetti and in 1946 by Prettre et al. [44-48]. 
However, high yields of synthesis gas were only obtained at temperatures in excess of 850°C. The 
latter studies showed that below this temperature non-equilibrium product distributions were 
observed. In 1970, studying a single grain of Ni/mullite, Huszar et al. reported limitations on the 
overall process caused by O2 diffusion through the gas film surrounding the catalyst [47]. Catalyst 
deactivation was observed in the temperature range 750-900°C, explained by NiAl2O4 formation. 
Because of these factors, as well as the success of the steam reforming process, partial oxidation 
was left alone for decades. In the late 1980s Green and co-workers began a renaissance in the study 
of methane partial oxidation. While investigating trends in the behavior of the lanthanides for 
oxidative coupling using pyrochlores containing noble metals and rare earth metals, they observed 
high yields of synthesis gas [48]. Studies revealed that reduction of the noble metal ruthenium in a 
lanthanum pyrochlore Ln2Ru2O7 resulted in a lanthanide oxide-supported ruthenium catalyst which 
had excellent activity for methane partial oxidation. This time no carbon could be detected. This 
observation prompted a detailed investigation of stoichiometric methane partial oxidation over 
noble metals, and other catalysts, by a very substantial number of research groups. As a 
consequence, the publications appearing in the 1990s were for the most part concerned with catalyst 
screening, although the effects of principal system properties such as operating temperature and 
pressure were also studied. By the end of 1993-1994 the focus began to shift towards improving 
catalyst stability and performance.  
 
1.2.2 Structured catalysts for CPO  
 
In recent years there has been interest in the possibility of using structured catalysts, including 
microreactors, gauzes, monoliths and foams for partial oxidation reactions and most of previous 
studies on them involved noble metals, but nickel has also been tested. Structured catalysts are very 
compact and easy to handle and they offer the benefit of a reduced pressure drop over the bed. This 
makes operation at higher linear gas velocities possible, which increase the overall throughput, an 
aspect which may be important when upscaling the process [43].  
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Although Hohn, Schmidt, Maestri et al. [49-50] have shown that lower heat and mass transfer 
coefficients enhance the resistance of packed beds to extinction even at high flow rates, the better 
heat transfer properties and lower heat capacity of honeycomb monoliths lead to shorter start-up 
time. Moreover at flow rates of practical interest, honeycombs perform better than packed beds in 
terms of conversion, selectivity, and pressure drop. These features make honeycomb monoliths a 
suitable choice for miniaturized applications, including on-board fuel reforming and distributed 
power generation. Additionally, honeycomb monoliths offer several advantages for experimental 
investigation and its quantitative analysis; among them (i) representativeness of the laboratory-scale 
data; (ii) availability in the open literature of well-established methodologies for catalyst deposition 
in uniform, compact and thin layers (a controlling factor for reproducibility of experimental results); 
(iii) ability to monitor the axial temperature profiles along the channels by means of multiple sliding 
thermocouples; (iv) reliability of correlations for heat and mass transfer coefficients even at very 
low Reynolds numbers. Most of these aspects make honeycombs also preferable to foams for 
kinetic investigation. 
Among structured carriers for such a fast, diffusion-limited, highly exothermic process, metallic 
foams represent a suitable choice to reduce hot spot formation and the size of the reactor needed to 
reach high conversions for their outstanding gas-to-solid heat- and mass-transfer characteristics and 
high specific geometric surface areas [51-54]. Furthermore, due to their very open and reticulated 
cell structure consisting of a network of thin solid struts, they retain some mechanical strength and 
allow to design lightweight reactors pre-shaped in almost any geometry, with low thermal inertia 
and fast transient response during start-ups and load variations [51-53]. 
 
1.2.3 Noble metal based structured catalysts for CPO 
 
The production of CO and H2 by the catalytic partial oxidation of CH4, in air at atmospheric 
pressure was examined by Schmidt and his group over Pt-coated and Rh-coated monolith catalysts 
in autothermal reactors at residence times between 10
-4 
and 10
-2
 s [55]. They contrasted the 
performance of these two catalysts (Pt and Rh) at conditions approaching adiabatic reactor 
operation. Rh was found to be a much better catalyst than Pt. Using O2, CO selectivities above 95% 
and H2 selectivities above 90% with > 90% CH4 conversion were reported for Rh catalysts. An 
interesting observation was the increase in conversion and selectivities observed with a decrease in 
contact time. Torniainen and Schmidt studied methane oxidation also on other metals supported on 
monoliths [56]. Ni was found to give similar conversions and selectivities as Rh but exhibited 
deactivation via oxide and aluminate formation. Other metals were tested showing lower 
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conversions and selectivities as Pt and Ir, or even complete inactivity for the syngas production as 
Ru and Fe. Problems related to the deactivation were found with Re through volatilization, and Pd 
that deactivated due to coke formation. It is possible conclude that a large number of catalysts have 
been tested for the CPO of hydrocarbons from methane up to diesel and jet-fuels and Rh-based 
catalysts have shown the highest activity and selectivity to syngas, for this reason they are the most 
suitable for syngas production through catalytic partial oxidation. 
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1.3 Mechanism of catalytic partial oxidation of methane 
 
An important and open question in methane CPO research is the reaction mechanism and product 
development in the catalyst bed under autothermal conditions. Direct and indirect mechanisms are 
proposed [55]. The direct mechanism assumes that H2 and CO are primary reaction products formed 
by partial oxidation in the presence of gas-phase O2. Equation (1.4) (0 ≤x ≤2, 0 ≤ y ≤1) shows the 
direct mechanism including the competitive formation of H2O and CO2. 
CH4 + (2 – x/2 – y/2)O2 → xH2 + yCO +(2-x) H2O+ (1-y) CO2                                                    (1.4) 
The indirect mechanism postulates a two-zone model with strongly exothermic CH4 combustion to 
H2O and CO2 at the catalyst entrance (1.5), followed by strongly endothermic steam and CO2 
reforming, (1.1) and (1.3) respectively, downstream. 
CH4 + 2O2 → CO2 + 2H2O,              
    = -803 kJ/mol                                                              (1.5) 
CH4 + H2O ↔ CO + 3H2,                 
    = +206 kJ/mol                                                             (1.1) 
CH4 + CO2 → 2CO + 2H2,               
    = +247 kJ/mol                                                              (1.3) 
Recently, Horn et al. compared Rh and Pt foam catalysts perfomances in the partial oxidation of 
methane to syngas at millisecond contact times to give an insight to the mechanism. Firstly they 
analyzed conventional conversion and selectivity data at the reactor exit [55]. They obtained syngas 
yields generally higher on Rh than on Pt, O2 conversion equal to 100% on both metals regardless 
the feed ratio, and an exit CH4 conversion always higher on Rh than on Pt. Lower H2 and CO 
selectivities on Pt and the higher exit temperatures on Pt clearly show that Pt favored the strongly 
exothermic total oxidation of CH4 to CO2 and H2O, whereas Rh was the better partial oxidation 
catalyst, favoring the less endothermic H2 and CO formation. However, the reactor exit data are not 
suited to explain how these different conversion, selectivity, and temperature values are achieved 
inside the catalyst. For these reason, they analyzed high resolution species and temperature profiles 
to deeply understand the reaction mechanism under technically relevant conditions.  
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Figure 5: Spatially resolved species and temperature profiles for syngas stoichiometry (C/O = 1.0) 
in CPO of methane on Rh and Pt foam catalysts [55]. 
 
The reactant profiles presented in fig.5 show a zone at the catalyst entrance in which O2 and CH4 
are rapidly consumed until O2 is fully converted. This zone is called the “oxidation zone” and is 
generally longer on Pt than on Rh. The predominant oxidation products on both metals are H2, CO, 
and H2O whereas CO2 is formed only in small amounts in the oxidation zone. Behind the point of 
total conversion of gas phase O2 methane conversion continues on both metals, but the conversion 
rate slows significantly with a drop in H2 and CO formation rates. H2O now becomes the co-
reactant to CH4; therefore this second zone is designated the “steam reforming zone” where the 
developing profiles clearly reflect the H2/CO molar ratio of 3/1 predicted by Eq. (1.1). The CO2 
molar flow rate remains constant after gas phase O2 has been fully consumed, thus CO2 reforming 
(1.3) is not observed. As in the oxidation zone, Rh converts more CH4 than Pt in the steam-
reforming zone. The temperature profiles shown in Fig.5 reflect the heat production by the strongly 
exothermic oxidation reactions in the oxidation zone followed by heat consumption due to the 
strongly endothermic steam reforming. The Pt catalyst operates at higher temperatures than the Rh 
catalyst because more heat is generated in the oxidation zone and less heat is consumed, because 
endothermic steam reforming is slower on Pt than on Rh. In the end, from the high-resolution 
 - 18 - 
 
spatial profiles, it can be concluded that the mechanism of the methane CPO is a combination of 
partial oxidation and steam reforming. The overall yields of H2 and CO are higher on Rh than on Pt 
for three reasons: (1) Rh activates CH4 more efficiently in the presence of O2 than Pt, (2) Rh forms 
H2 more selectively in the presence of O2 than Pt, (3) Rh is the more active steam-reforming 
catalyst. The O2 profiles on Rh and Pt show that the reaction is largely mass transport-controlled in 
the oxidation zone on Rh but kinetically controlled on Pt and O2 mass transport limitations are 
another reason for the better performance of Rh as catalyst for the partial oxidation of methane. 
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1.4 The catalytic oxidative conversion of light alkanes to syngas and olefins 
 
In addition to methane, other fuel feedstocks, such as light hydrocarbons heavier than CH4, could be 
considered to feed a CPO reactor to obtain syngas. Since the natural gas is typically composed of 
methane (90%) and ethane (6%), the objective of carrying out the partial oxidation of ethane to 
syngas (C2H6/O2=1, eq.1.6) is a direct use of natural gas as feed at the on-site gas field without 
separating respective components.  
C2H6 + O2 → 2CO + 3H2,             
    = -136 kJ/mol                                                                  (1.6) 
For this reason methods for syngas production must be demonstrated to be effective for ethane as 
well as methane [57]. In the early 1990’s, Huff and Schmidt [58] noticed that Rh produced 
primarily syngas with no carbon buildup in short contact times (~ 5 ms) by adding O2 to the ethane 
feed. Since in the last 20 years Rh has been shown to be an excellent catalyst for CH4 conversion to 
synthesis gas, the results from Huff et al. suggested that the presence of ethane should not be an 
interference [58]. In other words, the already described processes for partial oxidation of methane to 
syngas over Rh based catalysts are suitable for natural gas feed containing also ethane.  
Moreover, CPO of other light alkanes as propane and butane could be attractive as a suitable 
reaction path for onboard reforming of these liquefied fuels easy to transport and storage together to 
the application of CPO as a preliminary conversion stage for hybrid gas turbine catalytic burners. 
 
Light olefins are the most important building blocks for the polymers industry and the world 
demand for ethylene and propylene is expected to increase significantly in the next decade [59-60]. 
Worldwide Ethylene and Propylene production capacities amount respectively to ca. 130-140 
MTPY and ca. 85-90 MTPY and these molecules are obtained primarily through Steam Cracking 
(SC producing the 98% of the Ethylene and 56% of Propylene) starting from feedstock as naphtha, 
ethane and gasoil. The steam cracking (SC) is carried out in large, gas-fired furnaces and it is the 
most energy-consuming process in the chemical industry and globally uses approximately 8% of the 
sector's total primary energy use, excluding energy content of final products excluded releasing ca. 
200 MTPY of CO2 [6]. 
The primary reaction to produce ethylene is the homogeneous pyrolysis of ethane: 
C2H6 ↔ C2H4 + H2,             
    = +136 kJ/mol                                                                           (1.7) 
which is endothermic and for this reason the reactors are placed in large furnaces to supply the 
necessary heat for reaction. Steam cracking requires long residence times and produces significant 
amounts of emissions such as NOx because of flames in the furnace [61]. Under the severe pyrolysis 
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conditions (~ 800 °C), the formation of coke is thermodynamically predicted: to avoid this situation 
the feed is mixed with steam, but still periodic shutdown of the reactor is required [60]. 
Progress in this area may crucially affect the modern petrochemistry: the selective oxidative 
dehydrogenation (ODH) of ethane to ethylene (1.8) has attracted some interest as a possible 
alternative technology to steam cracking with potentially low capital investment, improved energy 
efficiency and reduced NOx and CO2 emissions [62-63].  
C2H6 + ½ O2 → C2H4 + H2O,            
    = -105 kJ/mol                                                           (1.8) 
Oxidative dehydrogenation of ethane (C2H6/O2=2) is a partial oxidation reaction and it has been 
demonstrated that Pt and Pt-Sn catalysts, through this reaction, can provide selectivity to ethylene 
up to 70 % [61] and yields comparable to those of commercial cracking units. The overall reaction 
is exothermic, which avoids the complications associated with external heating, and can be operated 
autothermally without any externally applied heat at very short residence time (5 ms) [61]. 
Due to a simpler reactor system and fewer fractionation columns, estimated investment cost for the 
ethane CPO process is about 20–25% lower than for the corresponding ethane steam cracker. On 
the other hand, estimated production costs are somewhat higher (10–15%), mainly due to the 
additional cost of making or purchasing oxygen [64].  
 
Figure 6: Simplified block scheme of the Steam Cracking (SC) A, and of the Short Contact Time – 
Oxidative Dehydrogenation (SCT-ODH) B, processes for the production of olefins [6]. 
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For the oxidative dehydrogenation of ethane to ethylene, several different theories about the process 
have been proposed based on extensive experiments and kinetic modelling. The performance of 
ethane can be summarized as heterogeneous production of CO-H2, and/or preferably CO2-H2O, by 
oxidation of surface carbon and hydrogen, coupled to homogeneous dehydrogenation of ethane to 
produce ethylene [65-67]. Many investigations report that production of C2H4 occurs in the gas 
phase [62-65,68], though it is very low in the presence of Rh catalysts, whereas molar yields in 
excess of 60% can be attained on Pt based systems [62,64-65,68-69]. Recently it was shown by 
detailed spatial and temperature profiles, reported in Fig. 7,  that a definite correlation can be made 
between C2H4 production and reactor temperature, since more than 750°C are required for the onset 
of homogeneous dehydrogenation reaction [57].  
 
Figure 7: Comparison of reactor temperature profiles(a), measured by pyrometer (solid lines) and 
thermocouple (dashed lines), with C2H4 formation (b) and C2H6 consumption (c) for multiple C/O 
over the 4.7 wt % Pt/45PPI a-Al2O3 catalyst [57]. 
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The final olefin yield and selectivity are strongly affected by the way heterogeneous and 
homogeneous reaction paths are coupled together in the short contact time catalytic reactor, which, 
in turn, is highly dependent on catalyst formulation and morphology, reactor configuration and 
operating conditions. The enhancement of ethylene yield and selectivity can be obtained with 
proper catalyst formulation leading to a more favourable product distribution in the first oxidation 
zone of the reactor, where a sacrificial co-fed fuel (H2 or CO) has to be oxidized selectively with 
respect to ethane while oxygen has to be consumed to form total rather than partial oxidation 
products in order to minimize its consumption, required to sustain the optimal surface temperature 
level slightly below 1000 °C. Indeed, it has been shown that for Pt systems the addition of H2 to the 
inlet feed of this reactor results in surface hydrogen oxidation at the expense of surface carbon 
oxidation. Coincident with this oxidation is the release of a great amount of heat that is transferred 
to the gas phase, resulting from the overall exothermicity of the reaction H2 + 1/2 O2 → H2O 
(   
     = -241.8 kJ/mol). Importantly, since C2H6 is not consumed for heat, the yield of C2H4 
increases dramatically since homogeneous ethane dehydrogenation is enhanced; moreover, the 
selectivity to ethylene increases because selectivity to CO and CO2 is decreased [67]. Donsì et al. 
[68] described an analogous process involving preferential CO oxidation over perovskites, giving 
similar yields as H2 co-feed over Pt, thus suggesting that C2H4 enhancement is not unique to H2/Pt, 
but rather heat generation in general. 
Despite homogeneous reactions play the most important role in the conversion of ethane, catalytic 
processes for C2H4 consumption are also important in determining C2H4 selectivity since both 
contribute to the net production [57]. The role of side heterogeneous and homogeneous reactions 
consuming both the reactant and the desired product is still debated [57,63,68,70-74]: their 
contribution appears to depend on the type of reactor [64,72-73] and catalyst [57,63-64,71,73,75]. 
In effect, lower selectivity to ethylene is observed with Rh than with Pt. It is likely that the high 
reforming activity of Rh compared to Pt [76-77] competes with the pyrolysis reaction that occurs in 
the gas phase. The competition can occur in two ways according to scheme reported in fig. 8: the 
C2H6 consumption via reforming (r2) maybe is higher than pyrolysis (r1), or the C2H4 consumption 
by reforming (r3) may compete with its production by pyrolysis. For any net C2H4 production to 
occur, the average reforming rates r2 and r3 must be lower than the pyrolysis rate r1[57]. 
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Figure 7: Ethane to ethylene and syngas[57]. 
 
Taking in account the different behaviour of Pt and Rh, it seems that Rh would act as a sort of 
catalytic filter, since it converts both the feed and the gas-phase products into CO and H2 [76]. This 
circumstance is ascribed to their relative activity in reforming. A comparative study of methane, 
ethane and ethylene steam reforming on Pt and Rh on YSZ reported from Graf et al. has shown 
large differences between them. The order of activity of Pt/YSZ was CH4>C2H6>C2H4 while on 
Rh/YSZ the order of activity was completely different: C2H6≈C2H4>CH4 [78]. They reported that 
reforming of C2H4 and C2H6 proceeds at similar rates on Rh/YSZ [78], with slight differences that 
can be attributed to the activation of hydrogenolysis in the case of ethane feed. Importantly, the 
authors noticed that the rate of C2H4 reforming on Pt is lower than on Rh, supporting the hypothesis 
that reforming activity plays an important role in the selectivity to C2H4 with the two different 
catalysts. 
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1.5 An issue for Catalytic Partial Oxidation: Sulphur poisoning 
 
The presence of sulphur containing compounds naturally occurring in natural gas or added as 
odorants necessary for safety reasons can result in a sulphur concentration approximately 10 ppm, 
which can adversely affect the catalytic performance during catalytic partial oxidation [40,79-80]. 
Although desulphurisation units can be used to significantly reduce the sulphur content in the feed, 
its inclusion increases the complexity, size and cost of the fuel processing system. Moreover, the 
present catalytic hydrodesulphurisation (HDS) technology can not completely remove all the 
sulphur from the fuel. Thus, “sulphur-free” fuels in fact still contain up to 10 ppm of S after HDS 
treatment which can significantly reduce the catalytic activity. Therefore it will be more desirable to 
develop catalysts that are intrinsically sulphur tolerant and are not readily poisoned by the amounts 
of sulphur commonly found in fuels such as natural gas and commercial low sulphur fuels. 
 
Catalyst deactivation, the loss over time of catalytic activity and/or selectivity, is a problem of great 
and continuing concern in the practice of industrial catalytic processes. Catalyst replacement and 
process shutdown cost to industry total billions of dollars per year. Time scales for catalyst 
deactivation vary considerably but it is inevitable that all catalysts will decay. While catalyst 
deactivation is inevitable for most processes, some of its immediate, drastic consequences may be 
avoided, postponed, or even reversed. Thus, deactivation issues (i.e. extent, rate and reactivation) 
greatly impact research, development, design, and operation of commercial processes.  
 
Poisoning is the strong chemisorption of reactants, products or impurities on sites otherwise 
available for catalysis. Thus, poisoning has operational meaning; that is, whether a species acts as a 
poison depends upon its adsorption strength relative to the other species competing for catalytic 
sites. In addition to physically blocking of adsorption sites, adsorbed poisons may induce changes 
in the electronic or geometric structure of the surface [81].  
 
Sulfur poisoning of metallic catalysts is a difficult problem in many important catalytic processes 
and it is due to the presence of unshared electrons in sulfur, through which strong sulfur metal 
interaction forms. Previous studies have revealed that the chemisorptive sulfur adsorption on metals 
is very detrimental because the direct metal–sulfur interaction can adversely affect multiple metal 
sites in the proximity of sulfur. For example, Erley and Wagner pointed out that a sulfur atom is 
capable of blocking about nine CO adsorption sites on Ni [82]. Feibelman’s calculation further 
confirmed that the strong poisoning effect of a sulfur atom on the electronic structure of metals 
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exceeds its nearest metal neighbors [83]. According to Joyner and Pendry [84], the poisoning range 
for a sulfur atom is 5–7A˚, meaning that  it can negatively affect at least ten close-packed metal 
surface atoms. Due to such a long-range adverse electronic impact, the direct chemisorptive metal–
sulfur interaction reduces the availability of metal d-electrons and suppresses the sticking 
probability and coverage of other reactants on metals [85]. Previous work have shown some 
evidence that sulfur preferentially adsorbs on sites of lowest coordination, such as corner and edge 
sites, on stepped single-crystal surfaces, and, by implication, on equivalent sites of small metal 
crystallite surfaces [86].  
It can be expected  that the poisoning effect of sulfur on metals would be attenuated if it is shielded 
by other elements such that no unshared electrons of sulfur are available for the direct sulfur–metal 
interaction [85].  
 
1.5.1 Sulphur poisoning in catalytic partial oxidation  
 
Even if sulphur poisoning is a difficult problem in many catalytic processes, studies on the effect of 
sulphur during the CPO have so far remained scarce. Recently, Bitsch-Larsen, Degenstein, and 
Schmidt studied the addition of CH3SH during CPO experiments of methane over Rh–Ce coated 
foam monoliths [80]. 
  
 
Figure 9: Effect of CH3SH addition in CPO of methane over Rh-Ce foam monoliths [80]. 
 
As shown in fig.9, the temperatures increased by 200°C, and at the new steady state reached upon 
the addition of CH3SH, the production of H2 decreased by 45% from the non-sulfur level. This was 
accompanied by an increase in the flow of methane of 20% due to lower conversions. It is possible 
to see that sulfur poisoning is reversible as the catalyst slowly regains its activity when sulfur is 
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removed from the feed. The authors suggested that the rise in temperature, the drop in methane 
conversion and the increased amount of water indicated that the endothermic SR was strongly 
affected by the presence of sulfur on the surface. The addition of sulfur increased the amount of 
water significantly, due to the inhibition of water consuming paths. Through the spatial profiles of 
temperatures and compositions, they observed that the rates of O2 conversion and the initial CH4 
conversion were independent of the sulfur level.  
Similar results were found in the last works by Cimino et al. who investigated the impact of sulphur 
adding H2S or SO2 during the CPO of methane at high temperatures (>800°C) and short contact 
times over Rh structured catalysts [87-89]. Accordingly to Bitsch-Larsen, they demonstrated that 
the addition of sulphur resulted in a rapid decrease in CH4 conversion and H2 selectivity with a 
corresponding sharp increase in the catalyst temperature; moreover the extent of catalyst 
deactivation was depending on sulphur concentration in the feed. As well in this study, the complete 
reversibility of the S-poisoning effect under the studied reaction condition was confirmed by the 
regaining of the initial performance in terms of activity/selectivity and temperature after the 
removal of sulphur from the feed. Furthermore, the rapid response upon the introduction and 
removal of sulphur suggested that direct adsorption onto the active Rh sites is responsible for the 
adverse effects of sulphur. However, the catalyst performance continued stable in the presence of 
sulphur indicating the occurrence of a steady state between S adsorbing on the surface of the active 
sites and S desorbing into the gas phase, which is governed by the catalyst temperature and sulphur 
concentration [89]. The decrease in methane conversion measured in the presence of sulphur was 
accompanied by a corresponding increase in water production of the same magnitude and at the 
same time less CO and H2 were produced. These results confirmed, in agreement to Schmidt and his 
group’s work above mentioned, that the poisoning effect is related to the ability of S to inhibit the 
endothermic steam reforming reaction. The slight increase in CO2 yield was related to the shift in 
the equilibrium of the slightly exothermic water gas shift reaction, due to significant reduction of H2 
and rise of H2O partial pressures. In order to investigate if the extent of catalyst poisoning was 
affected by different sulphur bearing compounds, the experiments were repeated by substituting 
H2S with SO2 into the reaction feed. The CPO results were completely reproducible in terms of 
catalyst temperatures and methane conversions as well as H2 and CO yields being only affected by 
the total S concentration in the feed and not by the type of sulphur precursor. This is in good 
agreement with the results reported by Fisher: in the presence of thiophene, sulphur dioxide, 
benzothiophene, dibenzothiophene, the predominant sulfur species is H2S and the impact on 
catalytic performance scaled with sulfur content, not with sulfur compound. This is most probably 
due to the rapid and complete conversion of all the S-species into H2S, which is the 
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thermodynamically stable specie under the typical CPO operating conditions, i.e. high H2 partial 
pressure and high temperatures (>800 C).  
 
As regards the impact of sulphur poisoning of Rh based catalysts on the performance of CPO to 
syngas of higher hydrocarbons, only few publications are available also in this field and some of 
these show surprising results. It was reported that increasing both the molecular weight and the 
aromaticity makes the fuel more sulphur tolerant for H2 generation.  
 
 
Figure 10: Effect of S on H2 yield during CPO of different fuels [90]. 
 
In contrast to the findings obtained in the CPO of methane, during which even a low amount of 
sulphur leads to a decrease in H2 yield, in a previous work of Fisher et al. [90], as it is possible to 
see in fig.10, it was reported a trend of H2 yield at different sulphur concentration with a maximum 
at low ppm of sulphur. This promoting effect of low concentrations of sulphur on the hydrogen 
production was identified during the CPO of propane over Rh but was not discussed further [90]. 
On the other hand, it has been reported that sulphur inhibits the reforming reactions, which in the 
case of CPO of ethane to ethylene seem to be competitive with the production of the desired 
product, consuming both C2H6 and C2H4 to form syngas instead of the olefin. It can be argued that 
sulphur added to the feed might inhibit simultaneously those reforming reactions, thus favouring the 
homogeneous ethylene formation chemistry, since also the temperature level increases, due to the 
lack of endothermic heterogeneous chemistry [78]. 
There are a number of industrial processes in which one intentionally poisons the catalyst in order 
to improve its selectivity. For example, Pt-containing naphtha reforming catalysts are often pre-
sulfided to minimize unwanted cracking reactions [82]. Therefore, selective S-poisoning of catalytic 
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sites can be used as a strategy to alter the balance and synergy between homogeneous and 
heterogeneous chemistry in the CPO of highly reactive feeds. 
 
In the search for sulfur-tolerant catalysts, it could be useful to refer to the equilibrium diagram 
relative to the formation of metal sulphides depending on the temperature. 
 
Figure 11: The equilibrium distribution of the metal and metal sulphide phase as a function of the 
hydrogen-to-hydrogen sulphide ratio at 900 °C [91] 
 
From the fig. 11 it is possible to see that the base-metals (Ni and Co) are more prone to form metal 
sulphides than the other metals considered. On such basis, noble metals should be preferred to the 
other metals for operations in sulphur laden environment. However, this type of equilibrium 
diagram represents only a guideline, as behind thermodynamics, also kinetics and surface cover 
phenomena play a role into the formation of sulphides species [91]. Some attempts have been tried 
into the research for sulphur tolerant materials during the catalytic partial oxidation of different 
feedstocks in the presence of sulphur. Haynes and his coworkers tested the activity of Ni 
hexaaluminate during the partial oxidation of liquid hydrocarbons in the presence of sulphur: they 
found a faster deactivation of Ni hexaaluminate than a Ni reference catalyst [92]. On the other hand, 
they showed that by dispersing the Ni-hexaaluminate onto a gadolinium doped ceria (GDC), during 
CPO of n-tetradecane containing sulphur compounds, these catalysts demonstrated greatly reduced 
deactivation compared to 3 wt% Ni/alumina and 3 wt% Ni/GDC [93].  
In the partial oxidation of tar derived from the pyrolysis of wood biomass (cedar wood), Tomishige 
et al. [94-95] investigated the effect of H2S addition over Ni catalyst and Rh/CeO2-SiO2 using a 
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fluidized bed reactor. Steam reforming Ni catalyst was effective for the tar removal without H2S 
addition, however, the addition of H2S (168 ppm) drastically deactivated the catalyst. In contrast, 
Rh/CeO2-SiO2 exhibited higher and more stable activity than the Ni catalyst even under the 
presence of high concentration of H2S (280 ppm). 
Since it was reported that the addition of Pt [96] or Pd [97] to Rh improved the activity of the 
catalyst during the steam reforming of sulphur containing fuels, Cimino et al. investigated the 
enhancement in sulphur tolerance of Rh-based catalyst by partially substituting Rh with either Pt or 
Pd [89]. The substitution of half of the Rh loading with same weight amount of Pt, and even more 
with Pd, entailed a reduction in fuel conversion and yield to syngas. These findings confirmed that 
Rh is the most active and selective metal for methane CPO, however, among bimetallic catalysts, 
Rh-Pt performed better than Rh-Pd. Indeed, the bimetallic Rh-Pt catalyst showed a significantly 
enhanced specific tolerance to sulphur inhibition with respect to Rh and Rh-Pd counterparts. The 
higher sulphur tolerance of the Rh-Pt bimetallic catalyst appeared to be strictly connected to the 
higher catalyst temperature, which reduced the impact of S on Rh sites favouring surface sulphide 
decomposition, and to the simultaneous presence of Pt sites, which activity is almost unaffected by 
S-poisoning [89,98]. 
With these premises in mind, it is possible to conclude that Rh is the most suitable catalyst for CPO, 
also in presence of sulphur. However, since Rh is not immune from sulphur poisoning, it is still 
desirable to develop Rh based catalysts that are intrinsically sulphur tolerant and are not readily 
poisoned by the amounts of sulphur commonly found in fuels such as natural gas and commercial 
low sulphur fuels.  
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1.6 A novel class of sulphur tolerant catalysts : metal phosphides 
 
Phosphorus reacts with most elements of the periodic table to form a diverse class of compounds 
known as phosphides. The bonding in these materials ranges from ionic for the alkali and alkaline 
earth metals, metallic or covalent for the transition elements, and covalent for the main group 
elements. They combine the properties of metals and ceramics, and thus are good conductors of 
heat and electricity, are hard and strong, and have high thermal and chemical stability [99]. 
Transition metal phosphides have recently been reported in literature as a new class of high activity 
hydrotreating catalysts that have substantial promise as next-generation catalysts. They are regarded 
as a group of stable, sulfur-resistant, metallic compounds that have exceptional hydroprocessing 
properties [100]. 
A number of methods have been employed for the preparation of phosphide catalysts, and the 
development of new methods facilitating the control of phase composition, structure, dispersion and 
morphology is an active area of current interest [101-102]. The most widespread method involves 
reduction of phosphate at elevated temperature [103]. The relative ease of preparing supported 
phosphate materials (via incipient wetness technique) has made this method the most suitable for 
the preparation of these catalysts, and the product formed is dependent on both the reduction 
temperature as well as the chemical nature of the precursor [104]. Generally phosphorus is added to 
a metal nitrate salt in the form of a thermally decomposable precursor such as (NH4)2HPO4. 
Following drying and calcination to decompose the precursors salts, temperature programmed 
reduction is then performed to obtain the desired phase. Surplus phosphorus is often added to 
counteract subsequent losses that occur during preparation [103]. Regarding the effect of P-loading, 
for example it is claimed that the synthesis of Ni2P requires excess P; this is because there are 
several intermediate phosphides, and phosphorus compounds (PH3 and reduced P) are volatile at 
high temperatures.  
The role of the support has proven to be complex as it affects both the dispersion and the geometric 
and electronic properties of the active phase as a consequence of the metal-support interaction 
[105]. Thus the optimization of P content depends also on the support. The use of alumina as a 
support for phosphide catalysts has been reported by many authors [106-107]. An increase in the 
dispersion of phosphide based phases in HDS reactions by using γ-Al2O3 instead of SiO2 as a 
material support has been fully reported [108] and is mainly due to the high acidity of the former. 
However, the main drawback of alumina as a carrier for metal phosphide catalysts is its interaction 
with phosphorus [105]. Indeed, a large difference was found for the optimal P/Ni ratio of Ni2P/SiO2 
((P/Ni) = 0.8) and Ni2P/Al2O3 ((P/Ni) = 2) [107]. In this respect, it is well-known that, upon 
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calcination, phosphorus strongly interacts with γ-Al2O3, thus, for P-rich catalysts, one might expect 
the formation of a strongly bound amorphous phosphate (AlPO4) surface layer on the alumina 
support [109-112]. As a consequence, a stronger phosphorus-alumina support interaction requires 
higher temperatures to form the desired phase [105,111]. 
Transition metal phosphides such as MoP, CoP and Ni2P were prepared by temperature-
programmed reduction and tested in hydrodesulfurization [112]. The HDS activities of metal 
phosphides vary substantially depending upon the metal and the phosphorus-to-metal (P/Me) molar 
ratio [113]: phosphides prepared with lower metal loading exhibited higher HDS activity whereas 
higher loadings resulted in sintering of particles during reduction and lower activities. Lower 
loadings are also beneficial for practical cost reasons [99]. It was demonstrated that highly 
dispersed Ni2P is particularly active for HDS and resistant to sulphur [99], exhibiting excellent 
stability in activity tests extending over 100 h. In developing an understanding of the HDS 
properties of metal phosphide catalysts, the resistance of these catalysts to S incorporation plays a 
critical role, in fact it seems that P blocks S incorporation into the catalysts [113]. Moreover it was 
shown that a H2 reduction of the sulfided MoP/SiO2 partially restores the phosphide nature of the 
catalyst: for the catalyst sulfided by H2S/H2 at 573 K, the sulfided surface can be converted mostly 
to phosphide by an H2 activation at 923 K. This indicates that there exist both reversibly and 
irreversibly bonded sulfur species on the sulfide catalyst and most sulfur species is reversibly 
bonded on the surface. The full regeneration of the phosphide nature of the sulfided catalyst 
indicates that most P atoms in molybdenum phosphide may not be exchanged or removed by sulfur 
species under reaction conditions [112].  
Besides the transition metal, under the conditions of low hydrogen sulfide partial pressure, noble 
metals (including Rh) have been shown to be highly active for deep HDS applications. On this 
basis, Kanda et al. expected that noble metal phosphides (NMxPy) show high catalytic activities for 
HDS reaction [114]. A number of metal phosphides of Ru, Rh and Pd have been prepared on high 
surface area silica by optimization of the precursor composition (P/Me molar ratio) and TPR 
parameters. The order of the HDS activities of NM-P/SiO2 catalysts was Rh-P>Pd-P>Ru-P>Pt-P. 
Especially, P addition remarkably enhanced the HDS activity of the Rh/SiO2 catalyst. 
Rh2P adopts the anti-fluorite structure in which the Rh atoms occupy tetrahedral positions and the P 
atoms occupy cubic positions in the lattice. 
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Figure 12: Rh2P structure [115]. 
 
The lattice constant for Rh2P was determined to be 0.5498 nm with Rh-Rh and Rh-P distances of 
0.2749 and 0.2381 nm, respectively. By comparison, a Rh-Rh distance of 0.269 nm for bulk Rh 
metal can be calculated: consistent with these Rh-Rh distances for Rh2P and Rh metal, electronic 
structure calculations for Rh2P indicate that the bonding is dominated by Rh-P interactions, with 
Rh-Rh and P-P interactions being substantially weaker [115]. 
Hayes et al. prepared a silica-supported Rh2P by TPR in H2 flow of a Rh phosphate-like precursor, 
obtained by impregnation of silica with an aqueous solution of rhodium chloride and ammonium  
dihydrogen phosphate followed by calcination. The Rh2P/SiO2 catalyst exhibited a higher 
dibenzothiophene hydrodesulfurization activity than did the reference catalyst Rh/SiO2 and it was 
also more active than a commercial Ni-Mo/Al2O3 catalyst. Moreover the Rh2P/SiO2 catalyst showed 
excellent stability over a 100 h DBT HDS activity measurement and was more S tolerant than the 
Rh/SiO2 catalyst [115]. 
 
Figure 13: DBT HD S conversion and sulphur content of Rh2P/SiO2 and Rh/SiO2 catalysts [115]. 
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Indeed, as it is shown in fig.13, the results of S content analyses of the catalysts subjected to the H2 
then H2S/H2 pretreatment indicate that the site blockage is due to strongly bonded S species, with 
the Rh/SiO2 catalyst (S/Rh = 0.88) having an S content over 4.5 times higher than that of the 
Rh2P/SiO2 catalyst (S/Rh = 0.19). The authors attributed the excellent properties of the Rh2P/SiO2 
catalyst to the metallic nature of the Rh2P and its strong resistance to sulphur incorporation. The 
resistance to S incorporation of the Rh2P/SiO2 catalyst is attributed to the P in the Rh2P particles, 
which inhibits the irreversible adsorption of sulphur at the particle surface as well as the 
incorporation of sulphur into the bulk (i.e. to form Rh sulfide) [115]. At the same time the surface P 
does not appear to suppress CO adsorption on Rh, preserving it even in the presence of S, which is 
the reason for the high catalytic activity [114-115].  
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1.7 Summary  
Rhodium catalysts are the most active and selective for CPO of methane to syngas under high 
temperature at short contact time conditions. However Rh is also very expensive due the increasing 
request for automotive catalytic converters to meet more stringent legislation limits [116-117]. 
Moreover Rh catalysts are affected by sulphur poisoning already at very low concentration levels 
[40,79-80].  
 
The objective of this thesis has been to study the effect of sulphur poisoning during the catalytic 
partial oxidation of methane and ethane (the main components of natural gas) at high temperatures 
and short contact times over noble metal based structured catalysts.  
Some recent studies have focused on the negative effect of sulphur during CPO of different 
hydrocarbon feedstocks and showed that also Rh is not immune from sulphur poisoning. However, 
it can be expected that the poisoning effect of sulfur on Rh metal can be attenuated if it is shielded 
by other elements such that no unshared electrons of sulfur are available for the direct sulfur–metal 
interaction. 
 
The first objective of this PhD work, reported in Chapter 3, has been to investigate the possible 
beneficial effect of Phosphorous doping of Rhodium catalysts with regards to catalytic activity and 
S-tolerance during the self-sustained methane CPO at short contact time. To the best of knowledge, 
this kind of catalyst has never been evaluated as active phase for CPO while recent literature 
demonstrates the superior performance of phosphides in terms of activity and sulphur tolerance 
during deep HDS . 
During a six-month period spent as a visiting scientist at the Chemistry Department of Technical 
University in Munich (TUM- Technische Universität München), the effect of phosphorous addition 
has been investigated in dry reforming reaction. This reaction is attractive as it consumes two 
greenhouse gas emissions, CH4 and CO2, but strongly affected by coke deposition issue. For this 
reason it requires an active and stable catalysts which do not deactivate quickly to obtain good 
perfomances in terms of syngas production. Recent studies reported the detrimental effect of 
phosphorous added ex-situ to Rh causing a lower dispersion in comparison to the undoped sample, 
lower methane conversion during steam reforming reaction, and attitude to form coke [118]. With 
these premises, in the final part of Chapter 3, dry reforming has been exploited as a model reaction, 
in order to further probe the beneficial effect of phosphorous addition to Rh catalysts previously 
demonstrated during CPO of methane, focusing on deactivation problems caused by carbon 
deposition through a reaction more prone to this issue than steam reforming. 
 - 35 - 
 
In second part of the work, the impact of sulphur has been studied during the CPO of ethane to 
produce syngas and ethylene performed on conventional Rh and Pt catalysts supported on γ-Al2O3. 
Up to now, methods for syngas production have been demonstrated to be effective also for ethane, 
the main component of natural gas beside methane; however, the studies concerning the sulphur 
poisoning effect on higher hydrocarbons are so far scarce and somehow contradictory. In Chapter 4, 
the characterization of sulphur impact during the CPO of ethane to syngas has been investigated in 
order to estimate the effect of S poisoning with respect to practical issues for industrial 
implementation such as catalyst activity and durability and multi-fuel operability of a CPO reactor. 
 
From the literature it turned out that the higher reactivity of ethane and the higher number of 
possible reactions and products, determines a much more complicated chemistry during CPO of 
ethane in comparison to methane, involving interacting hetero-homogeneous reaction paths, whose 
contribution and synergy may be strongly alterated by S-poisoning. In this context the final aim of 
this work can be placed: sulphur has been explored, in Chapter 5, as an intentional selective poison 
of undesired heterogeneous reactions to improve the production of ethylene by altering the balance 
and synergy between homogeneous and heterogeneous chemistry. At the same time, taking 
advantage of the selective poisoning of sulphur of reforming paths, an attempt has been done to 
shed light on the complex interaction of hetero-homogeneous chemistry available in a C2H6 CPO 
reactor, to understand the contribution of heterogeneous reforming ractions to the overall 
performance of the reactor. 
 
1.7.1 The effect of Phosphorous doping on Rh catalysts during Catalytic Partial Oxidation 
and Dry Reforming of methane 
 
A novel monolith catalyst with Rh supported on γ/Al2O3 and doped with phosphorous was prepared 
by temperature-programmed reduction of oxidic precursors and tested for the first time in the CPO 
of methane at short contact time and high temperature in the presence of sulphur. 
The catalyst was characterized by N2-Physisorption and CO-Chemisorption to obtain informations 
about the surface area of catalysts, porosity and metal dispersion, before and after exposure to S-
laden atmosphere; ICP-MS: elemental analysis; SEM-EDAX to obtain a morphological 
characterization and distribution of active elements; XRD: crystallographic analysis; H2-TPR to get 
details about redox behavior; in situ DRIFT on freshly reduced samples or after exposures to 
sulphur , to investigate the state and nature of active surface metal sites. Results were compared 
with the reference undoped Rh/γAl2O3 catalyst and the P/γAl2O3 support. Methane CPO 
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experiments were performed under autothermal conditions at high temperatures and short contact 
times under self-sustained pseudo-adiabatic conditions at an overall reactor pressure of P=1.2 bar. 
Both transient and steady state operation were investigated particularly with regards to the effect of 
the addition/removal of variable S quantities in the feed on catalyst temperature, on the formation of 
main reaction products, on the approach to equilibrium and on the apparent reaction rate.  
The interaction of phosphorous with Rh resulted in a metallic surface capable to strongly adsorb 
CO, moreover it improved the metal dispersion on the alumina support and significantly inhibited 
the strong sulphur adsorption. As result of these beneficial effects, a direct comparison of CPO 
performance data with the reference undoped Rh catalysts showed a significant enhancement of the 
sulphur tolerance of the novel phase developed, providing a higher methane conversion and H2 
selectivity at any S level in the feed, at the same time reducing the risk of excessive catalyst 
overheating due to the S-inhibition of the endothermic steam reforming reaction path. The higher 
residual steam reforming activity of the Rh-P catalyst during the CPO of methane in the presence of 
sulphur appears to be correlated to the larger exposed active metal surface capable to strongly bond 
CO (as gem-dicarbonyl species) at room temperature. 
 
In the final part of Chapter 3, P doped Rh samples ri-prepared at TUM following a similar 
procedure to that utilized to synthesize the catalysts devoted to the CPO of methane, were tested 
during dry reforming of methane (CH4/CO2/N2=1/1/2) at 850°C and atmospheric pressure, focusing 
on the role of phosphorous on the noble metal activity and stability. The catalyst was characterized 
by N2-Physisorption, H2 and CO Chemisorption in order to confirm that this catalysts, prepared in 
second place at TUM, was similar to the previous system utilized during CPO. The addition of 
phosphorous resulted in a higher dispersion of the catalyst in comparison to the result obtained with 
a reference sample without phosphorous, as already pointed out for the Rh based systems earlier 
prepared and tested in CPO. This finding, together to a good interaction achieved between noble 
metal and dopant during the preparation routine, resulted in a higher activity of P doped sample in 
terms of methane and CO2 conversion. Moreover, both catalysts showed a an excellent stability for 
the whole period of investigation, and no coke formation was observed which is particularly 
relevant for doped catalyst in the view of previous findings on coke formation tendency after 
phosphorous addition [118]. 
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1.7.2 The effect of sulphur during the CPO of ethane to syngas  
 
The impact of Sulphur addition  (2-58 ppm) during the CPO of ethane to syngas (C2H6/O2=1) was 
carried out on Rh- and Pt-based honeycomb catalysts tested under self-sustained high temperature 
conditions. Both steady state and transient operation of the CPO reactor were investigated 
particularly with regards to poisoning/regeneration cycles. Sulphur addition resulted in a rapid and 
reversible poisoning effect, leading to a new steady state characterised by a higher surface 
temperature of the catalyst and a corrispondent drop in fuel conversion and yield to syngas. The 
adverse impact of sulphur addition was larger on Rh catalyst than on Pt, although Rh is more active 
with S-free feed, mainly due to its higher activity for steam reforming and hydrogenolysis of ethane 
Two main effects of sulphur poisoning on Rh performance were indicated through a detailed 
examination of the variation in the flows of the main products and a simplified heat balance of the 
CPO reactor: sulphur selectively inhibits ethane hydrogenolysis and, to a lower extent, steam 
reforming of ethane and ethylene. Moreover, only for operation with Rh at temperatures below 
750°C, reverse water gas shift reaction was inhibited, preventing the WGS equilibrium to be 
reached. The increase in the H2 yield obtained in correspondence of few ppm of sulphur added to 
the feed, was associated to the combined poisoning effect of hydrogenolysis and r-WGS. 
 
1.7.3 Ethane CPO to ethylene with sulphur and H2 addition 
 
The catalytic partial oxidation of ethane to ethylene was investigated over Rh and Pt based 
honeycomb reactors with the addition of sulphur to the feed (up to 51 ppmv as SO2). Transient and 
steady state ethane CPO tests were run at C2H6/O2= 2 under self-sustained high temperature and 
short contact time conditions. To further probe the differences between Pt and Rh the effect of 
sulphur addition with H2 co-fed as sacrificial fuel was also studied, as H2 addition was proved to 
significantly enhance ethylene yield. The two catalyst showed a different behaviour after the 
addition of SO2 which only marginally impacted on the product distribution and temperature of the 
Pt catalyst. On the contrary, ethylene formation increased by as much as five times on Rh in 
presence of sulphur, which was accompanied by a significant temperature increase on the catalyst, 
whereas ethane conversion was unaltered. The effect of sulphur was compatible with the selective 
inhibition of the undesired steam reforming of ethane/ethylene. Even when the ethylene production 
on Rh was increased due to sulphur addition, markedly larger amounts of ethylene and water were 
obtained with the Pt catalyst, thus confirming a faster production of C2H4 in the gas phase.  
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When H2 was co-fed as a sacrificial fuel in presence of sulphur, both the catalysts showed a larger 
increase in ethylene formation and temperature, suggesting that sulphur poisoning enhanced the 
selectivity of the catalytic oxidation of the sacrificial H2 rather than ethane feed. The direct 
inhibition of the catalytic partial oxidation and steam reforming of ethane and ethylene due to the 
suphur presence, and the increase in the temperature, enhanced ethylene yield particularly for Pt 
catalyst. 
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2. Experimental and Characterization Techniques  
 
2.1 Catalyst Preparation  
 
2.1.1 Powder Catalysts  
 
Rh catalysts doped with phosphorous and supported on a 3% w./w. La2O3-stabilised γ-Al2O3 
(SCFa140-L3 Sasol) were prepared in powder form by the incipient wetness co-impregnation 
procedure using an aqueous acid solution of Rh(NO3)3 (Aldrich) and (NH4)H2PO4 (Aldrich). The 
incipient wetness impregnation method is the simplest and most direct method of deposition of the 
active components and was used to prepare all the powder catalysts. The object is to fill the pores 
with a solution of metal salt of sufficient concentration to give the correct metal loading. Drying is 
necessary to crystallize the salt on the pore surface, then calcination converts the salt to an oxide or 
metal. 
Precursors were dosed at a P/Rh atomic ratio of 0.7 in order to obtain a target loading of 1.0% wt of 
Rh in the catalyst through 2 impregnation cycles. Following drying in stove at 120°C and 
calcination in air at 550°C for 2h after each impregnation step, the catalysts were finally reduced in 
a 2% H2/Ar mix by heating at 10 °C min
-1
 between room temperature and 900 °C, and holding for 
1h at this temperature. The excess of P with respect to the formation of Rh2P (P/Rh = 0.5) was 
selected in order to maximize phosphide formation during TPR as suggested in [1]. Two reference 
powder samples were also prepared with the same nominal content of Rh or P by excluding either 
phosphorous or rhodium precursors from the impregnating solution while keeping all the rest the 
same.  
According to their elemental composition, samples were labelled as Rh-P/LA, Rh/LA and P/LA, 
where LA represents the lanthanum stabilized γ-Al2O3. When desired, the reduced catalysts were 
subjected to controlled sulphurization in a fixed bed quartz reactor at 800°C for 1h under a flow of 
H2S/H2 (20ppm/1.8%, balance N2) at atmospheric pressure, and then exposed to air at room 
temperature. 
Catalysts in powder form, fresh, reduced and sulphurized, were prepared to be used in the 
characterization experiments. 
 
During the period spent as a visiting scientist at the Chemistry Department of  Technical University 
in Munich (TUM- Technische Universität München), a Rh catalyst (1% wt.) doped with 
phosphorous and supported on a 3% w/w La2O3-stabilised-Al2O3 (SCFa140-L3 Sasol) labeled Rh-
P/LA_T, with identical nominal composition as the sample above described (Rh-P/LA), was ri-
prepared via an incipient wetness co-impregnation procedure using an aqueous acid solution of 
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Rh(NO3)3 (Aldrich) and (NH4)2HPO4 (Aldrich). Following drying overnight at 110 °C and 
calcination in air at 550 °C for 2 h, the catalyst was finally reduced in H2 by heating at 10 °C/min 
between room temperature and 900 °C, and holding for 1 h at this temperature. A reference powder 
sample was also prepared with the same nominal content of Rh by excluding phosphorous precursor 
from the impregnating solution (Rh/LA_T). A few differences can be noted in the preparation 
methods followed for the synthesis of the Rh-P/LA_T and Rh-P/LA catalysts with identical nominal 
composition: i) precursor of phosphorous, using (NH4)2HPO4 for Rh-P/LA_T instead of NH4H2PO4 
as described for Rh-P/LA, ii) number of impregnation cycles, limited to 1 for the catalysts prepared 
at TUM and 2 for the others, iii) reduction step at high temperature carried out in pure H2 for TUM 
samples while in a 2%H2/Ar mixture in the other case (keeping the same flow rate (i.e. 50 
cm
3
/min)). However, the main discrepancy between the two preparation routine lies into the 
phosphorous precursor, which perhaps affected the dispersion of metal particles on the support, as it 
will be shown later. 
Both Rh-P/LA_T and Rh-P/LA were devoted to Dry reforming reaction of methane. 
 
2.1.2 Monolith catalysts 
 
Commercial cordierite monoliths (NGK) with a cell density of 600 cpsi were cut in the shape of 
disks (L=10 mm, D=17mm) and washcoated with  La2O3-stabilised γ-Al2O3 (SBET=140 m
2
/g) using 
a modified dip-coating procedure [2]. The high surface area washcoat was selected in order to 
improve the noble metal dispersion and stabilize metal particles against sintering and migration 
during high temperature operation The samples were dipped in a slurry (20% wt of solid) of finely 
grounded La2O3 stabilised γ-Al2O3 powder, diluted nitric acid solution and Disperal (Condea). 
Following each coating the excess slurry was removed by blowing air through the channels, after 
which the samples were dried at 120 °C and then calcined in air at 550 °C for 2 h. The process was 
repeated nine times in order to achieve a washcoat loading of approximately 30% (w/w) with 
respect to the initial weight of the monolith sample, after which the samples were finally calcined in 
air at 800 °C for 3 h.  
Phosphorous doped Rh based monoliths were prepared to test them during CPO of methane, while 
standard Rh and Pt structured catalysts were exploited for CPO of ethane. 
 
Rhodium with a target loading of ~1% (w/w) and phosphorous with a loading of 0.2% (w/w)  
(atomic ratio P/Rh= 0.7) with respect to the active washcoat layer were dispersed onto the coated 
monoliths by co-impregnation cycles using an aqueous solution of Rh(NO3)3 (Aldrich) and 
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NH4H2PO4 (Aldrich). After each cycle the excess solution was removed by gently blowing with 
compressed air, the monolith samples were dried at 120 °C and then calcined in air at 550 °C for 2 
h. Finally, monoliths were reduced in 20% H2/N2 flow up to 900°C. The final loading of active 
phase (Rh-P/LA) applied on the honeycombs was 0.11 g/cm
3
, corresponding to a nominal average 
thickness of the washcoat of ca. 20 µm. 
 
 
 
Figure 1: Monoliths after calcination at 550°C (a) and reduction at 900°C (b). 
 
Standard supported Rh and Pt catalysts (respectively 1 and 2% by weight of the alumina, in order to 
obtain similar atomic concentrations) were prepared via repeated incipient wetness impregnations 
onto washcoated monoliths using an aqueous solution of Rh(NO3)3 or H2PtCl6(Aldrich). The cata-
lysts were dried at 120 °C and calcined in air at 550 °C for 3 h after each impregnation (4 cycles). 
Finally they were conditioned directly under CPO reacting atmosphere until stabilisation of 
catalytic performance. 
 
 
 
 
 
 
 
 
 
 
 
a) b) 
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2.2 Catalytic testing 
 
2.2.1 Catalytic Partial Oxidation of methane  
 
P-doped Rh/La-Al2O3 honeycomb catalysts were tested for the CPO of methane to syngas in a lab 
scale reactor operated at nearly atmospheric pressure under self-sustained short contact time 
conditions using (simulated) air as oxidant. The catalytic honeycomb was stacked between two 
mullite foam monoliths (45 ppi, L=12 mm) as heat shields and placed in a quartz tube inserted in an 
electric furnace that was used for pre-heating (fixed at 235°C). High-purity gases (CH4, O2, N2, SO2 
208 ppm in N2) calibrated via Brooks 5850-MFCs, were pre-mixed and fed to the reactor at a total 
flow 135 Sl/h, corresponding to a gas hourly space velocity GHSV = 8*104 h
-1
 (based on the empty 
volume of the honeycomb). The impact of sulphur addition (2-58 ppmv SO2) was investigated at 
fixed CH4/O2 feed ratio = 2 (stoichiometric for syngas production), under both transient and steady 
state conditions, by partially substituting the N2 flow in the feed with an equal flow of the SO2 in N2 
mix. Reactor temperatures were measured by means of K-type thermocouples (d=0.5mm) placed in 
the middle and at the exit of the central channel of the catalytic honeycomb (Tcat and Tout), as well 
as in the gas downstream of heat shield.  
  
 
 
Figure 2: CPO experimental apparatus. 
 
Radiation shield
(Mullite foam45 ppi)
Feed: CH4, O2, N2, SO2 in N2
Total [S] =0 – 58 ppm
Real time analysis for: H2, CO, CO2, CH4.
GC analysis (SCD detector) for H2S, SO2.
C balance: ± 2%
Radiation shield 
Catalyst 
600cpsi,17x10 mm
Distributor 
(SiC foam, 10 ppi)
TC1
TC2
Tout
Ceramic wool wrap
Quartz 
reactor
Furnace
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Hot product gases passed through a condenser and a CaCl2 trap to remove water, and a continuous 
analyzer (syngas GEIT) was employed to measure the concentrations of CO, CO2 and CH4 (ND-
IR), O2 (ECD), and H2 (TCD, with cross sensitivity corrections). O2 was always completely 
converted under steady state operation as well as during transient addition/removal of S to the feed. 
H2O production was calculated from the O-balance. Carbon and hydrogen balances were closed 
within ±1% and ±2%, respectively. Methane conversion, yields and selectivities to CO and H2 were 
calculated according to the following definitions based on measured dry mol fractions: 
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The fate of sulphur was determined by gas chromatography employing a high sensitivity dual 
plasma sulphur chemiluminescence detector (SCD, Agilent) and a GasPro column. It was confirmed 
that under the typical CPO operating conditions, i.e. high H2 partial pressure and high temperatures 
(> 700 °C), all of the sulphur is transformed into H2S (with traces of COS), in agreement with 
thermodynamic predictions [3].  
Equilibrium calculations with constant enthalpy and pressure were performed using CHEMKIN 
4.1.1 software excluding solid carbon formation, which was never observed experimentally. 
 
2.2.2 Catalytic Partial Oxidation of ethane 
 
The CPO of ethane was studied under self-sustained pseudo-adiabatic conditions in the same 
experimental setup previously described. The impact of sulphur addition (up to 58 ppm) was 
studied at two different C2H6/O2 ratio, respectively 1 and 2, the former stoichiometric for syngas 
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production and the latter for the ethylene formation. The CPO performance with sulphur addition 
was investigated under both transient and steady state operation. 
Product gases were splitted to a continuous syngas analyzer (GEIT), employed to measure 
concentrations of CO, CO2 and CH4 (ND-IR), O2 (ECD), H2 (TCD, with cross sensitivity 
corrections) and an on line GC equipped with a GasPro 0.32 mm × 30 m column (Agilent) and a 
FID, optimized to measure C2H6, C2H4, C2H2, CH4,C3H8, C3H6 and other eventual hydrocarbons up 
to C4. Also during CPO of ethane, O2 was always completely converted under steady state operation 
as well as during transient addition/removal of S to the feed. Carbon and hydrogen balances were 
always closed within ±1.5% by measuring the total flow rate of dry products. 
 
2.2.3 Dry reforming of methane 
 
Dry reforming of methane was studied under atmospheric pressure in a fixed-bed vertical steel 
reactor containing an alumina tube (inner diameter 5 mm) which was operated in a down flow 
mode. In the reactor, the pelletized catalyst (dparticles=500-710 μm) was held on a quartz wool bed 
and a thermocouple was placed outside of the reactor to control the oven temperature. 
The pretreatment of the catalyst in situ was carried out by increasing the temperature from room 
temperature to 850 °C at a rate of 5 °C/min in a H2 / N2 flow (100 ml/min) without holding at 
850°C. After reduction, the feed gases (CH4/CO2/N2 = 1/1/2) were introduced into the catalyst bed 
at a flow rate of 100 ml/min, which for a 50.0 mg catalyst corresponds to a space velocity of 
1.2*10
5
 ml/(h g).  
 
 
                 Figure 3: Dry reforming experimental apparatus. 
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Dry reforming was used as a model reaction to test the effect of P doping by directly comparing the 
results obtained over doped and undoped on Rh catalysts tested under identical conditions for more 
than 16 hours on stream, under severe temperature conditions and taking account of probable coke 
formation. 
The reactants and products were analyzed with an on-line gas chromatograph GC-2010 Plus by 
Shimadzu (including FID and TCD detectors) equipped with a HP-Plot-Q capillary column (for 
CO2 and H2O) and HP-plot Molesieve (for H2, N2, CH4 and CO). In order to satisfactorily separate 
the products, the temperature setting inside the GC columns was programmed varying with time. In 
the first 4.5 min, the temperature was constant at 50°C, it was then increased steadily by the rate of 
10°C per min until 150°C. Finally, the temperature was decreased to 50°C. The analytical method 
applied is an internal standardization in which the peak area is related to the molar concentration 
through the response factor (RF): 
   
              
         
 
Mass balances ranged between -0.5% and 3% for carbon, and from -0.5% to 1.5% for hydrogen. 
Methane and carbon dioxide conversion were calculated according to the following definitions 
based on measured mol fractions: 
                  
          
            
    
            
      
 
                  
         
             
    
         
         
 
  
  
      
          
    
               
 
 
The reaction equilibrium compositions were calculated using the HSC software. 
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2.3 Catalyst characterization techniques 
 
A variety of well-known techniques have been utilized to characterize the catalysts synthesized and 
a brief description of those used in this thesis is presented in the following section. 
 
BET specific surface area measurements were performed with a Quantachrome Autosorb 1-C by N2 
adsorption at (-196°C). The powder sample of approximately 0.2 grams was first loaded into a 
round bottom sample tube, dried and degassed at 150 ºC under vacuum for about 2 hours and then 
cooled to liquid nitrogen temperature (-196 ºC) by immersing the sample tube into liquid nitrogen. 
Desorption followed adsorption in pore distribution measurements. The equipment automatically 
measured, recorded and calculated nitrogen adsorption at various pressures. In the case of 
honeycomb catalysts the surface area was assigned only to the active washcoat layer (SA of 
cordierite substrate ≤ 1 m2/g). 
 
Elemental content was quantitatively determined on selected fresh and used catalysts by inductively 
coupled plasma spectrometry (ICP) on an Agilent 7500 ICP-MS instrument, after microwave-
assisted digestion of samples in nitric/hydrochloric acid solution. 
 
The active metal surface area and metal dispersion (i.e. fraction of active metal atoms on the 
catalyst surface) of the catalysts were determined by CO chemisorption measurements using a 
Quantachrome Autosorb 1-C equipment. Rh catalysts and their corresponding alumina supports 
(200 mg) were pre-treated at 400°C under a flow of pure H2 for 1 h in order to obtain surfaces 
reasonably free from impurities [4], then evacuated for 2h at the same temperature and cooled under 
vacuum to 40°C, where CO adsorption was performed using the method of the double isotherm [4] 
with an intermediary treatment under vacuum (P= 0.001 mmHg). 
Pretreatment and operating conditions are determining for the subsequent chemisorption and it is 
essential to define a procedure likely to give reproducible and reliable results [4].The first isotherm 
gives the total amount of chemisorbed CO, the second isotherm gives the reversible part of 
chemisorbed CO, the difference between the two isotherms giving the irreversible part of 
chemisorbed CO. The two isothermal curves were drawn with 5–10 experimental points in the 20–
800 mmHg pressure domain. The total and reversible adsorption curves did not always exhibit a 
saturation plateau; the monolayer CO chemisorption was obtained from the extrapolation at zero 
pressure of the linear part of the irreversible strong adsorption [4]. Since CO may adsorb on Rh in 
several forms (linear, bridged, di-carbonyl species) [4-7] mainly depending on metal dispersion, 
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type of support and catalyst pre-treatment, the adsorption stoichiometry (CO/M) is not known a-
priori, and it was assigned by the corresponding DRIFTS study. 
 
Temperature-programmed reduction (TPR) is among the most commonly used techniques for 
catalyst characterization, it provides information on the reducibility of metal oxides. The reduction 
of a metal oxide MOn by hydrogen to its metallic form is described by equation (2.1).  
MOn + nH2 → M + nH2O                                                                                                      (2.1) 
In this work TPR experiments were carried out with a Micrometrics AutoChem 2020 equipped with 
a TC detector on catalysts and supports pre-treated in air at 550°C. The sample powder (200-400 
mg) was heated at 10 °C min
-1
 between room temperature and 900 °C in flowing 2% H2/Ar mix (50 
cm
3
/min). The exit gas from the reactor was passed through a cold trap (isopropanol cooled by 
liquid nitrogen) to remove any water formed during the experiment. 
 
Thermogravimetric analysis of uncalcined powder samples were run in Perkin Elmer Pyris TGA by 
ramping up to 900°C at 10 °C min
-1
 in flowing air or 2% H2/N2 mixture. Gaseous products, sampled 
via a heated transfer line, were analyzed with a FTIR spectrometer (Perkin Elmer Spectrum GX) in 
a gas cell recording spectra every 1 minute using PE TimeBase software. 
 
XRD (crystallographic analysis) was performed on powder samples with a Bruker D2 Phaser 
diffractometer (operated at diffraction angles ranging between 10 and 80° 2θ with a scan velocity 
equal to 0.02°2θ s –1). 
 
Scanning electron microscopy (SEM) was carried out on honeycomb catalysts with a FEI Inspect 
microscope equipped with an energy dispersive X-ray (EDX) probe. 
 
Infrared spectroscopy (IR) is one of the most important tools in catalysis research and has been a 
workhorse technique for materials analysis in the laboratory for many decades [8]. The two most 
frequently used IR techniques for catalyst characterization are transmission infrared and diffuse 
reflectance spectroscopy [8]. 
IR spectroscopy of adsorbed carbon monoxide [9] is a well-known technique for the 
characterization of metal surfaces in the cases of both bulk and supported metal catalysts. The 
spectroscopy of the surface carbonyl species formed upon CO adsorption allows us to have 
information on the state and the nature of the adsorbing metal species [10]. This technique has been 
widely applied to supported Rh catalysts [11]. 
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Diffuse reflectance is, by definition, that process in which the angle of reflection is different from 
the angle of incidence. In the diffuse reflectance mode, samples can be measured as loose powders 
instead of self-supported wafers. DRIFTS is a common technique that collects and analyzes 
scattered IR energy. When a beam of infrared radiation impinges onto a fine particulate material it 
essentially undergoes reflection in one of several ways. It can undergo reflection, refraction, 
scattering absorption to a varying degree, before re-emerging as diffuse reflectance (Figure 2.3). 
 
Figure 4: Interaction of IR beam on a powdered sample. 
 
On these bases, in this work, the nature of metal species was investigated by diffuse reflectance 
infrared Fourier transform spectroscopy (DRIFTS) using CO as a probe molecule. DRIFTS 
experiments were performed in a PerkinElmer Spectrum GX spectrometer equipped with a liquid-
N2 cooled MCT detector with a spectral resolution of 4 cm−
1
 and averaged over 50 scans. For each 
experiment approximately 30 mg of finely ground powder sample was placed into the ceramic cup 
of a commercial PIKE Diffuse-IR cell equipped with a heat chamber (Fig.5) which allows the 
sample to be heated from room temperature up to 900°C within the chamber. Any temperature can 
be set between this range and can be controlled automatically. The environment within the chamber 
can be inert gas, vacuum, reaction mixture etc. in order to create various measurement conditions. 
Inserting and changing samples is easily accomplished by opening and closing the screw cap which 
holds the ZnSe window. The cell is also equipped with an internal cooling system, which prevents 
excessive heating of the sample compartment. Samples can be loaded into either a ceramic or 
stainless steel sample cup. Reactants are introduced in the cell through a 1-mm (i.d.) pipeline and 
released close to the sample.  
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Figure 5: Schematic representation of the Diffuse Reflectance attachment and the heat chamber. 
 
The sample was treated following similar steps, where possible, to those used before quantitative 
CO chemisorption: (i) prior to the experiments it was reduced in pure H2 for 1 hour at 400°C, 
purged with Ar (100 cm
3
/min) for about 60 min and then cooled down to 40°C under the same flow 
before a background spectrum was recorded; (ii) CO was adsorbed at this temperature by flowing a 
5% CO/N2 mixture (100 cm
3
/min) for 60 minutes. IR spectra were recorded both under CO flow 
and during prolonged flushing with Ar (100 cm
3
/min). All spectra were ratioed against the 
corresponding background spectra collected on the adsorbate-free sample at 40°C. 
Sulphurization of catalysts was performed in the same cell: the sample was heated up to 800°C 
under a 2% H2/N2 flow, followed by exposure to H2S/H2/N2 mixture (20ppm/1.8%/rest, 200 
cm
3
/min) for 1h, and then purged and cooled down under Ar flow, before CO adsorption. The effect 
of regeneration of sulphurized catalysts by reduction at 400 °C under a H2 flow for 1h (and purging 
at the same temperature) was also investigated. 
 
The catalysts prepared at TUM, were in part therein characterized. The BET surface areas were 
determined by N2 adsorption at (-196°C) using a Sorptomatic 1990 Series instrument after the 
activation of the sample in vacuum at 300°C for 2 h. Elemental analyses were performed by the 
Microanalytical Laboratory of TUM using an Atomic Absorption Spectrometer AAS 280FS 
(Varian). 
The fraction of accessible Rh atoms was determined by H2 chemisorption using a Sorptomatic 1990 
Series instrument. Approximately 0.1 g of catalyst was pretreated in H2 at 300°C for 1 h, followed 
by outgassing in vacuum at 35°C for 2 h. The sorption isotherms were measured at 35°C. The 
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amount of chemisorbed hydrogen was obtained after removing physisorbed hydrogen from the 
sample by evacuation at 35°C for 2 h. The metal dispersion was determined by extrapolating the 
differential isotherm to zero H2 pressure by assuming H/Rh ratio of 1. The particle sizes of Rh were 
calculated by the relationship between dispersion and crystallite size assuming spherical particles. 
The dispersion results obtained at TUM laboratories with H2 chemisorption were compared with 
those achieved on the same samples by CO chemisorption performed in a Quantachrome Autosorb 
1-C instrument, as described above. 
TEM images were measured on a JEM-2010 Jeol transmission electron microscope operating at 120 
kV. Prior to the measurements, catalyst was ground, suspended in ethanol, and dispersed by 
ultrasonic treatment. The dispersion was dropped on a copper grid-supported carbon film.  
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3. Effect of Phosphorous doping on Rh catalysts during the Catalytic Partial 
Oxidation and Dry Reforming of methane 
 
3.1 Introduction 
 
3.1.1 Sulphur tolerance of a P-doped Rh/γAl2O3 catalyst during the partial oxidation of 
methane to syngas 
 
The catalytic partial oxidation (CPO) of methane over noble metal catalysts represents an attractive 
way to obtain syngas (CO and H2) in autothermal reactors at very short contact times (10
-2
 to 10
-4
 s) 
and high selectivity to syngas [1-2]. Rh-based systems are the best performing catalysts in terms of 
both activity and selectivity [1-2]. Recently the possible poisoning effects of sulphur on the costly 
Rh catalysts was recognized as a serious issue. Poisoning is due to the adsorption of S onto Rh 
active sites causing a (reversible) suppression of their steam reforming activity, with an associated 
risk of catalyst overheating during CPO autothermal operation [3-5]. In recent studies on the effect 
of several inorganics on methane steam reforming activity of Rh/γAl2O3 catalysts poisoned ex situ, 
Schmidt and co-workers [6] reported that sulphur decreased the methane conversion the most, 
followed by phosphorus. Even if phosphorous is recognized as a common poison for metal catalysts 
[6,7], a substantial body of literature has shown that metal phosphide catalysts have promising 
hydrodesulphurization (HDS) properties [8-15]. For example Rh2P/SiO2 catalysts readily obtained 
by reduction of oxide precursors [27-28]have displayed superior activity, and sulphur tolerance than 
the corresponding supported Rh catalyst (either sulphided or not) during deep HDS [16-17]. The 
authors concluded that the presence of P in the Rh2P particles improved their resistance to S-
poisoning inhibiting the irreversible adsorption of S at the particle surface as well as the 
incorporation of S into the bulk (i.e. to form Rh sulphide) [16]. The main purpose of this chapter is 
the investigation of the possible beneficial effect of P-doping of Rh supported on La-γ-Al2O3 on the 
catalytic performance and particularly on its S-tolerance during the self-sustained methane CPO at 
short contact time.  
3.1.2 Dry reforming of methane over a P-doped Rhodium catalyst 
During a six-month period spent as a visiting scientist at the Chemistry Department of Technical 
University in Munich (TUM- Technische Universität München), a P-doped Rh catalyst therein 
prepared has been tested in the dry reforming reaction. 
CH4 + CO2 ↔ 2 CO + H2,             
     = +247 kJ/mol                                                                (3.1) 
The DRM reaction has been getting increasing interest from academic and industrial point of views 
in the past few years since it provides a syngas with a low H2/CO ratio (≤1) suitable for downstream 
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processes towards chemicals and synthetic fuels. Moreover it involves utilization of CH4 and CO2 
which are two major greenhouse effect gases contributing to global warming [18-21]; thus, the 
utilization of these reactants in many chemical processes could drastically improve the quality of 
the environment [22]. Although the environmental benefits and economic a↔dvantages presented 
by dry reforming, there are only a few commercial processes based on this reaction (i.e., the 
CALCOR [23] and SPARG [24] processes). The success of the concept is highly dependent on the 
catalyst activity and selectivity. From an industrial point of view, it is more practical to develop and 
optimize Ni-based catalysts as their relative low cost. A major limitation that arises from the use of 
nickel is the formation of carbon deposits, which can cause significant deactivation of the catalyst. 
Coke is mainly produced via methane (CH4) decomposition (3.2) and Boudouard (CO 
disproportionation) reactions (3.3) which are thermodynamically feasible. 
CH4 ↔C + 2H2,                
     = +75 kJ/mol                                                                              (3.2) 
2CO ↔ C + CO2,             
     = -172 kJ/mol                                                                              (3.3) 
Several authors [20,25-26] presented calculations to predict thermodynamic potential of carbon 
deposition as a function of operating conditions suggesting operation for the DRM reaction at 
higher temperature, ~727°C, and with CO2/CH4 ratios far above unity to avoid regions where there 
is a potential for carbon formation. However, to avoid such severe conditions, different studies have 
been performed to develop a catalyst which incorporates a kinetic inhibition of carbon formation 
with CO2/CH4 ratios near unity [27-28]. Rostrup-Nielsen and Hansen [27] reported that the amount 
of carbon deposited on metal catalysts decreases in the order Ni >> Rh > Ir = Ru > Pt ≈ Pd at 773 K 
and Ni > Pd = Rh > Ir > Pt >> Ru at 923 K. Hence, the noble metal catalysts exhibit higher 
selectivity and much less carbon deposition than the nickel catalyst. According to Zhang et al [28], 
the specific activity of Rh catalysts was found to be strongly sensitive to the particle size, 
decreasing as the metal size increased. As regards Rhodium based catalysts, recently Schmidt and 
his coworkers [6], as already reported, observed a poisoning impact of phosphorous on this noble 
metal beside sulphur, although in a less extent, during steam reforming of methane performed on 
2.5 wt% Rh/αAl2O3 spheres. In particular they found that a fraction of spheres appeared black due 
to coke deposition after a test of 5 hours, attributing this phenomenon to the presence of 
phosphorous. Since dry reforming is a reaction which potentially leads to carbon deposition 
requiring an active and stable catalysts, it has been exploited as a model reaction for phosphorous 
addition to Rh catalysts. In view of the negative results obtained by Chakrabarti et al. with this kind 
of systems, P doped Rh samples were prepared at TUM following a similar procedure utilized to 
prepare Rh-P/LA destined to CPO, and they were tested during dry reforming of methane 
(CH4/CO2/N2=1/1/2) at 850°C and atmospheric pressure, focusing on the role of phosphorous on 
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the noble metal activity and deactivation. In other words, these experiments have been carried out to 
further confirm the good results achieved with the novel active phase tested during the CPO of 
methane related to the higher dispersion of the materials containing phosphorous and good 
interaction achieved between noble metal and dopant, on the contrary of the previous cited findings 
that marked phosphorous as a poison.  
 
3.2 Experimental Procedure  
 
As regards the experiments of CPO of methane in the presence of sulphur, the P-doped Rh/La2O3-
Al2O3 (Rh-P/LA) and the two reference catalysts (excluding either phosphorous or rhodium, Rh/LA 
and P/LA) were prepared by the incipient wetness impregnation method as described in Chapter 
2.1.1. The catalytic tests were carried out on monolith samples as reported in Chapter 2.2.1. 
Catalysts were characterised by techniques described in Chapter 2.3.  
Rh-P/LA_T and Rh/LA_T were prepared by the incipient wetness impregnation method as 
described in Chapter 2.1.1 and tested in DR of methane as reported in Chapter 2.2.1. 
 
3.3 Results and Discussion  
 
3.3.1 Characterization of Rh catalysts for CPO of methane 
Table 1 illustrates catalysts denomination and final pre-treatment, loading of active phase in 
honeycombs, elemental composition and BET specific surface area.  
 Pretreatment Loading 
g/cm
3 a
 
Rh P La BET 
m
2
/g
b
 w/w % 
b
 
LA As received  -  2.6 143 
P/LA TPR 900°C  - 0.3 2.6 139.8 
Rh-P/LA TPR 900°C  0.98 0.19 2.7 130.6 
Rh/LA TPR 900°C  0.9 - 2.6 122.2 
Honeycombs       
Rh-P/LA TPR 900°C 0.11 0.99 0.2  122.6 
 Aged in CPO 0.11    112.5 
a) Weight of active washcoat per unit volume of honeycomb catalyst 
b) With respect to the weight of active catalyst (cordierite substrate excluded) 
Table 1: Denomination of catalysts and supports, final pre-treatment, honeycomb loading, 
elemental composition and BET surface. 
 - 60 - 
 
The effect of calcination and reductive pretreatment on the weight change of bulk mono basic 
ammonium phosphate and impregnated on the La-γ-Al2O3 (LA) support , is illustrated in Figure 1. 
 
 
Figure 1: Weight loss curves for bulk ammonium mono basic ammonium phosphate (a) and 
impregnated on the La-γ-Al2O3 (LA) support (b). Heating rate 10 °C/min under flowing air or 
2%H2/N2 mixture. The reference curve for LA is also reported. Nominal P content in the 
impregnated LA sample was ca. 5 times larger than in the Rh-P/LA catalyst. 
 
These preliminary thermogravimetric analysis of the ammonium phosphate precursor (Fig. 1a) 
confirmed that its decomposition in air proceeded in 2 main steps: roughly 30% of the initial weight 
was lost in the temperature range from 130 to ca. 400°C corresponding to the evolution of ammonia 
and water; the remaining phosphorous oxide was quickly and completely devolatilized above 430°C 
[29]. A similar behaviour was observed when heating in H2/N2 flow, with an increase in this critical 
temperature by 50-60°C. In contrast, TGA profiles of the LA alumina support impregnated with the 
same phosphorous precursor (Fig. 1b), indicated that no significant loss of phosphorous occurred 
when heating up to 900°C (in air or H2/N2) due to the strong interaction with alumina and possible 
formation of superficial amorphous aluminium or lanthanum phosphate [10], which, however were 
not detected by XRD analysis (see fig.4). 
Accordingly, the amount of elemental phosphorous found by ICP-MS in the catalysts after the final 
TPR treatment at 900°C (Table 1) was in line with its nominal content (0.2%); Rh and La were also 
detected at levels close to their nominal ones. 
 
Values of the BET specific surface area are reported in Table 1: phosphorous addition to the 
commercial La- γ-Al2O3 (LA) and following reducing treatment at 900°C did not alter the initial 
surface area of the support (140 m
2
/g). The presence of rhodium determined a limited decrease in 
this value down to roughly 131 m
2
/g for the reduced Rh-P/LA sample, and 122 m
2
/g for the 
reference Rh/LA sample, thus suggesting a positive stabilizing effect obtained via doping with 
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phosphorous. The active layer in honeycomb Rh-P/LA catalysts displayed a value of 123 m
2
/g, only 
slightly lower than the reference powder catalyst, possibly due to a small contribution coming from 
the pseudo-bohemite binder used in the washcoating step [30]. The exposure to CPO operation for a 
total of 38 h, both determined a further limited decrease in the surface area of Rh-P/LA honeycomb 
catalyst down to 112-115 m
2
/g. 
 
 
Figure 2: SEM image of a longitudinal section of the Rh-P/LA honeycomb catalyst after TPR at 
900°C (1st panel) and maps (false colour) for elemental distribution of Si, Al, Rh and P in the 
highlighted area. 
 
SEM observation of longitudinal sections of the honeycomb catalyst (after reduction at 900°C) 
revealed that all channels were coated with a rough porous layer consisting of interconnected 
aggregates of submicronic γ-Al2O3 particles which were firmly anchored to the underlying 
cordierite walls. The average thickness of the washcoat layer was in line with its nominal value (ca 
20 µm, estimated by assuming an uniform deposition on the wet geometrical area of honeycomb 
channels). EDAX mapping of elemental distributions (Fig.2) confirmed the simultaneous 
occurrence and uniform concentration of Rh and P throughout the Al washcoat layer, and not within 
the macroporous cordierite walls. 
 
Temperature programmed reduction profiles of Rh-P/LA, Rh/LA, and P/LA samples pre-calcined in 
air at 550°C are compared in Figure 3; the corresponding amount of hydrogen taken up and referred 
to the actual Rh content is reported in Table 2.  
 
Si Al Rh P
cordierite wall
100 μm
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Figure 3: H2-TPR profiles for the Rh-P/LA and Rh/LA catalysts and P-LA support calcined at 
550°C in air. For comparison purpose the signal was referred to the actual weight of Rh in 
catalysts (ca. 1% wt), and multiplied x100 for the support. 
 
 
Sample 
T max H2
uptake
 / Rh 
a
 P / Rh 
a,b
 H2
uptake
/ P 
a,d
 
  up to 
600°C 
total 
c
   
R-P/LA 195 °C 1.50 2.44 0.64 1.47 
R/LA 237 °C 1.49 1.73 – – 
                  a) Molar ratio 
                  b) By ICP-MS after TPR at 900°C 
                  c) After 1h at 900°C 
                  d) From H2 uptake at T>600°C 
Table 2 H2:TPR analysis up to 900°C of the R-P/LA and R/LA samples 
 
The reference P-LA support showed an almost flat baseline up to 870°C; above this temperature it 
started to develop a hardly detectable peak, which, in line with previous reports, could be assigned 
to the reduction of surface aluminium phosphate [10]. H2 consumption on Rh-LA and Rh-P/LA 
catalysts started at ca. 65°C and showed peak maxima respectively at 195°C and 237°C with 
shoulders at 125°C and 275°C. Such complex pattern is typical of the reduction of Rh2O3 clusters 
not strongly interacting with the alumina support to metallic Rh [31]. The left shift of the peak 
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temperature observed for the P-doped catalyst is likely related to a higher superficial dispersion of 
the Rh oxide particles, possibly due to the co-impregnation procedure employing Rh
+3
 and H2PO4
-
 
precursors. A broad and small reduction peak (in the range 350-600°C) centred at ca. 485°C 
appeared in the TPR traces of both Rh catalysts which can be assigned to the reduction of RhOx 
species interacting more strongly with the alumina [32]. The hydrogen consumption calculated from 
TPR profiles of Rh/LA and Rh-P/LA catalysts up to ca. 600°C and referred to the measured content 
of Rh in each sample (Table 2) corresponded to the complete reduction of Rh
3+ 
to Rh
0
 for both 
samples. A further significant reduction event occurred only for the Rh-P/LA sample starting at 
temperatures around 600C, which was completed under the isothermal step at 900C (highlighted 
area in Figure 3). That peak, which was absent in the TPR of reference Rh/LA sample, can be 
assigned to the reduction of phosphate species. Recalling that the reduction of superficial AlPO4 
was reported to occur above 830°C [10] and in our reference P-LA sample it only started above 
870°C, the easier reducibility of phosphates in the Rh-P/LA catalyst was probably due a spill-over 
effect on Rh sites, which appear to be close enough to interact with phosphorous emerging from the 
support and to form Rh phosphide species [10]. Assuming that the surplus H2 consumption (with 
respect to the full reduction of Rh) was employed to reduce P
5+
 to P
0
, then roughly 60% of the 
initial phosphorous was reduced to the zero oxidation state at the end of TPR. This value can be 
regarded as an upper limit since the reference Rh-LA also showed some H2 consumption at high 
temperatures, which could be related to the surface reduction of aluminium oxide, enhanced by the 
presence of Rh via a spill-over effect. Therefore, due to the high stability of the superficial AlPO4 
species, not all of the phosphorous was available to form a stoichiometric Rh2P phase even after H2 
reduction at 900°C: the possible formation of sub-stoichiometric Rh phosphides, or, more simply, 
the simultaneous presence of both Rh and Rh2P entities on the surface of Rh-P/LA catalyst cannot 
be ruled out.  
 
XRD analysis after the TPR treatment at 900°C (Figure 4) failed to identify the formation of Rh2P 
species in the Rh-P/LA catalyst, which showed the typical reflections of γ-alumina with incipient 
formation of transitional δ and θ phases [33]. That is most probably associated to the low loading of 
active phase, and its high dispersion and possibly its amorphous nature. 
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Figure 4: XRD pattern of Rh-P/LA catalyst after TPR at 900°C as well as reference patterns for 
Rh2P [14] and γ-alumina calcined in air at 650°C, 850°C, 950°C and 1000°C showing progressive 
formation of transition δ and θ phases [33]. 
 
3.3.2 DRIFT and volumetric study of adsorbed CO 
 
DRIFTS spectra of adsorbed CO on reduced catalysts provides information on the state and 
morphology of the rhodium component as the adsorption mode of CO is sensitive to different 
rhodium structures. In order to gain insight into the nature of the Rh active sites during the CPO of 
methane in the absence and presence of sulphur under self-sustained reaction conditions at high 
temperatures, DRIFTS experiments were carried out at room temperature before and after 
sulphurization of the sample at 800°C under H2S/H2-N2 reaction mixture. 
After CO adsorption at 40°C (1h PCO = 38 mmHg) on freshly reduced catalysts, DRIFT spectra 
were collected at fixed time intervals under a flow of Ar in order to investigate the nature of surface 
species and to evaluate the strength of the CO/surface interaction. A common trend was obtained 
for Rh-P/LA and Rh/LA (Figure 5), which can be described as follows. 
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Figure 5: DRIFT spectra of CO adsorbed over freshly reduced Rh-P/LA and Rh/LA catalysts: (1) 
under flowing CO/N2; (2) after 60 min and 120 min (3) of purging with Ar flow. 
 
Upon switching to Ar flow, a characteristic band of gaseous CO centred at ca. 2180 cm
-1
 (Figure 5, 
spectrum 1) rapidly disappeared and the resulting spectra (exemplified by those (2) recorded after 
60min Ar purging) were characterized by IR bands in the ranges 2055-2065 cm
-1
 and 1840-1870 
cm
-1
, respectively, attributed to linear and bridged CO adsorbed on large metal particles [34-37]. 
Such large Rh clusters are not subjected to the disruption of Rh-Rh bond which only takes place 
when the adsorbed CO is in close proximity of support hydroxyl groups, that is when rhodium 
species are small and highly dispersed [38-40]. In that case Rh
I
(CO)2 gem-dicarbonyl species are 
formed, according to the following reaction [37]: 
Rh
0
 + 2CO + OH
-
 → O2- + Rh(I)(CO)2 + 1/2H2                                                                             (3.4) 
They are characterized by symmetric and asymmetric stretching bands around 2090 and 2020 cm
-1
 
[34-40], which indeed were detected in the spectra of Figure 5 for both catalysts. P doping of Rh 
particles entailed a significant reduction in the relative intensity of the signal due to linear Rh
0
CO 
species, which was compensated by the simultaneous increase in the bands of gemdicarbonyl 
species, whereas the intensity of the broad band due to bridged bond CO was roughly unaltered. 
The wavenumber values of the gem-dicarbonyl stretching bands (2087 and 2016 cm
-1
) were not 
affected by P-doping, whereas the νCO for linear and bridge bonded CO shifted to higher 
frequencies, likely due to the transfer of electron density from Rh to P, as also observed for alumina 
supported nickel-phosphorous catalysts [13,41]. IR bands of bridge- and linear-bonded carbonyls 
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coordinated over metallic Rh particles progressively disappeared (in that order) from the spectra 
recorded on both catalysts during prolonged purging in Ar (Figure 5, curves 3), possibly because of 
the weak nature of their σ-bond [37,42] making those species relatively less stable [43]. On the 
other hand gem-dicarbonyl species are quite stable as a result of a strong covalent σ-bond and π-
back bond [37,43], and indeed their characteristic IR bands persisted even after prolonged purging. 
A direct comparison of the spectra recorded after purging for 120 min (3) confirms the higher 
intensities of those signals on the P-doped catalyst. 
Regarding sulphurized catalysts, H2S chemisorption on Rh is reported to be mainly dissociative [44-
46] with H2 evolution; adsorbed S atoms are preferentially bonded to defect sites such as steps [46]. 
For this reason smaller Rh particles, with their lower surface coordination number and higher 
density of defect sites are more seriously affected by S poisoning [5,7,47], which in turn is reported 
to be highly selective at low coverages. 
DRIFT spectra of CO adsorbed over the catalysts previously sulphurized at 800°C (and purged in 
Ar at the same temperature) are reported in Figure 6, and show a general decrease in the intensities 
of the relevant bands due to an overall lowering of chemisorption capacity.  
 
Figure 6: DRIFT spectra of CO adsorbed over Rh/LA and Rh-P/LA catalysts following 
sulphurization (800°C H2S/H2: (1) under flowing CO/N2; after purging with Ar flow for 60 min (2), 
120 min (3) and 180 min (4). 
 
Sulphur had a much stronger impact on the reference Rh/LA catalyst: IR bands corresponding to 
linear and bridge-bonded CO species disappeared completely already from the spectrum (1) 
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recorded under a constant partial pressure of CO. The nonoccurrence of bridge-bonded CO is easily 
rationalized by the conventional site blocking model; even at low sulphur coverages, the remaining 
surface Rh atoms become isolated from each other [48]. However, the lack of linear CO species 
suggests a high degree of sulphur coverage with extensive formation of surface Rh sulphides. The 
only mode of CO adsorption over Rh/LA after sulphurization was related to formation of 
gemdicarbonyl species, whose characteristic doublet bands were detected at 2022 cm
-1
 and 2095 
cm
-1
 and were retained even after prolonged purging with Ar (exemplified by spectrum (2) after 60 
min). The wavenumber values were clearly shifted to higher frequencies with respect to the freshly 
reduced catalyst, which could be explained by withdrawing of the electron density from the metal 
particles induced by adsorbed sulphur [7,13,41,49]. In conclusion, the electronegative sulphur 
atoms might leave adjacent Rh atoms with a net positive charge thus facilitating the adsorption of 2 
CO molecules [48]. In this case, the occurrence of gem-dicarbonyl species in sulphurized sample 
would not be necessarily (or cannot be directly) associated to the morphology and size of supported 
Rh particles [48 and ref therein].  
As also shown in Figure 6, the addition of phosphorous in Rh-P/LA catalyst limited the impact of 
the sulphurization on the following CO adsorption performed without pre-treating the sample in H2. 
In contrast to what observed for the unpromoted catalyst, the IR spectra revealed the simultaneous 
presence of all the three modes of CO adsorption, and confirmed a higher stability of geminal 
species upon prolonged purging. In particular, in the spectrum (2) collected 60 min after removing 
gaseous CO the intensity of the band at 2061 cm
-1
 assigned to linear CO species became 
comparable to those doublet bands of geminal carbonyls respectively at 2091 cm
-1
 and 2021 cm
-1
; at 
the same time, bridged CO species showed a broad band with a lowered relative intensity and a 
maximum shifted to 1870 cm
-1
. Therefore sulphurization determined an upward shift of all the 
characteristics wavenumbers of CO adsorption modes: however, this was less pronounced for the 
Rh catalyst promoted with P, possibly suggesting a lower weakening of the metal-CO bond related 
to the perturbation in the electronic state induced by adsorbed S [13,50]. 
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Figure 7: DRIFT spectra of CO adsorbed over Rh/LA and Rh-P/LA catalysts following 
regeneration (H2 at 400°C) : (1) under flowing CO/N2; after purging with Ar flow for 60 min (2), 
120 min (3) and 180 min (4). 
 
Following regeneration in H2 at 400°C, as it is shown in fig.7(b), the IR bands of linear and bridge 
bonded CO re-appeared over the sulphurized Rh/LA catalyst: as for the freshly reduced sample, 
those species showed a relatively weak bond and progressively disappeared during purging with Ar. 
On the contrary, the intensities of bands for gem-dicarbonyl CO species were not affected 
significantly by this regeneration and persisted during purging. Due to the high stability of adsorbed 
S species their desorption as H2S is unlikely under such regeneration conditions [46]. However it is 
conceivable that the reformation of linear- and bridge-bonded CO was related to surface 
reconstruction and/or partial hydrogenation at 400°C causing the exposure of some additional Rh 
sites capable of weakly adsorbing CO [48]. It should be noted that the disappearance of the linear 
CO adsorption mode on sulphurized Rh/alumina catalyst was not found in previous literature 
reports since the catalysts were pretreated in H2 prior to readsorbing CO [48]. 
As for the unpromoted Rh/LA catalyst, regeneration in H2 at 400°C of Rh-P/LA sulfurized sample 
caused some partial surface reconstruction/hydrogenation which in turn increased only the intensity 
of the bands for bridge and linear-bonded CO. In particular the band for linear CO shifted to 2055 
cm
-1
 and became the predominant feature in spectrum (2) taken after 60 min Ar purging and 
decreased more slowly than for the freshly reduced sample, being still well evident after 180 min 
(spectrum 4). 
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The quantitative results of CO chemisorption measurements performed at 40°C on reduced samples 
and following sulphurization at 800°C (+ H2 regeneration at 400°C) are summarized in Table 3.  
 
 CO strong ads. CO weak ads. SA
a
s SA
b
w  SA s+w dispersion D 
Sample pretreatment μmol/gcat m
2
/gcat % Nm 
Rh-P/LA 80.4 8.7 1.82 0.39 2.21 51.3 2.14 
Rh/LA 49.5 7.6 1.12 0.34 1.46 37.5 2.93 
P/LA 0 0 – –  – – 
H2S/H2 800°C +  
H2 400°C 
       
Rh-P/LA 34.8 17.8 0.79 0.81 1.60 37.0  
Rh/LA 14.3 13.7 0.32 0.61 0.93 23.8  
P/LA 0 0 – –  – – 
LA 0 0 – –  – – 
H2S/H2 800°C +  
H2 800°C 
       
Rh-P/LA 43.3 12.9 0.98 0.59 1.57 36.3  
Rh/LA 35.7  0.81     
LA 5 0 –   – – 
a
 CO/Rh =2 
b
 CO/Rh =1 
Table 3: Results of CO chemisorption measurement at 40°C on freshly reduced and sulphurized 
samples: strong and weak chemisorbed CO (at zero pressure), corresponding values of exposed 
metal surface areas (SAs,SAw), percentage metal dispersion and average diameter of crystallites 
(d). 
 
P-LA and LA supports had identical adsorption isotherms, which only accounted for a reversible 
CO physisorption, thus excluding any direct contribution of phosphorous; furthermore CO 
adsorption on the supports was not altered by the sulphurization treatment. 
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Figure 8: CO adsorption at 40°C on freshly reduced Rh-P/LA (a) and Rh/LA catalysts (b) and after 
sulphurization for 1h at 800°C in H2S/H2 mix (c, d). Each panel presents the total (1), weak (2) and 
irreversible (3) adsorption curves for the catalyst as well as the total=weak adsorption curve on the 
corresponding support (P/LA or LA). Sample pre-treatment at 400°C: 1h in flowing H2 + 1h 
evacuation 
 
Figure 8 shows for each of the two catalysts the total (1) and the weak (2) CO adsorption curves as 
well as the corresponding irreversible adsorption curve (3) obtained as the difference from the 
previous two. The (reversible) adsorption isotherm on the corresponding support is also reported in 
each panel of Figure 8. A direct comparison of the relevant curves for the freshly reduced catalysts 
confirms the addition of surface phosphorous did not suppress CO adsorption on Rh and in fact it 
caused a significant increase in the amount of irreversibly chemisorbed CO, which was ca. 60% 
higher for the Rh-P/LA sample than for the undoped Rh/LA (Table 3 first column). It is also clear 
from Figure 8 a-b that the weak isotherm recorded over the catalysts containing Rh was higher than 
the curve corresponding to the physisorption of CO on the support. Thus some additional CO was 
absorbed on the noble metal and bonded to its surface more weakly, since it didn’t resist to sample 
evacuation: the corresponding CO amounts were estimated by extrapolating to zero pressure the 
difference between the two reversible adsorption curves and were similar for the two catalysts (CO 
weak, Table 3). 
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In agreement with previous reports [34,37-38], DRIFT experiments of CO adsorption at room 
temperature on P-doped and undoped Rh catalysts reported in this work, showed the simultaneous 
presence of prevailing gemdicarbonyl species, together with some linear bonded and bridged CO 
species on larger Rh clusters. However, those last two species disappeared progressively when 
purging the sample with Ar. Based on those results, CO/Rh stoichiometric coefficients were 
assumed equal to 2 and 1 respectively for the strong and weak adsorption components on Rh, 
allowing to distinguish the contribution of isolated Rh sites (SAs) and larger metal clusters (SAw) 
to the total exposed surface area (Table 3). The contribution from bridge bonded CO species to the 
weak adsorption was neglected according to previous literature data on Rh/alumina reporting high 
values of the linear to bridging adsorbed CO ratio (above 20 [37]). 
The addition of phosphorous effectively increased metal dispersion up to 51.3 % corresponding to 
an average diameter of the metal particles down to 2.1 nm, as opposed to 37.5 % dispersion and 2.9 
nm calculated for the reference undoped Rh catalyst. 
Figure 8 c-d presents the CO adsorption isotherms obtained after sulphurization for 1h at 800°C 
with the H2S/H2 mix, and following a new pre-treatment at 400°C for 1h in H2; corresponding 
values of strongly and weak adsorbed CO and exposed metal surface area are also reported in Table 
3. It should be noted that the samples tested under these conditions can be considered as regenerated 
catalysts. Indeed, the H2 pretreatment at 400°C was necessary due to the exposure to air after 
sulphurization carried out ex-situ. 
The strong sulphur adsorption occurring on Rh sites caused a reduction in the total CO adsorption 
capacity at each pressure (curve 1), which was also accompanied by an increase in the amount of 
weakly bonded CO (2). As a consequence the difference (3) between the two isotherms was 
significantly lower, but still independent of the pressure level and precise enough to calculate the 
irreversible fraction adsorbed CO (Table 3). Due to the presence of phosphorous, the Rh-P/LA 
catalyst preserved an irreversible chemisorption capacity which was more than two times larger 
than on the reference Rh/LA system. This agrees well with previous results [16] showing that 
following a H2S/H2 treatment at 300°C the site blockage by S on a Rh2P/SiO2 catalyst was roughly 
halved with respect to its reference Rh/SiO2 sample. Following sulphurization, both catalysts 
adsorbed weakly on their metal particles almost twice as much CO as their freshly reduced 
counterparts (Table 3). 
The strong decrease in the amount of irreversibly adsorbed CO suggests that highly dispersed Rh 
sites, are preferred targets for S adsorption [7,47,51], whilst larger metal clusters appear less 
affected. The simultaneous increase in the amount of weakly bonded CO confirms the qualitative 
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trend observed during DRIFT experiments and was related to the partial surface 
reconstruction/hydrogenation occurring on the sulfurized sample during the H2 treatment at 400°C. 
Assuming unaltered stoichiometric coefficients, the residual metal surface areas available for CO 
adsorption on Rh-P/LA and Rh/LA catalysts were lowered respectively to 72 % and 63 % of their 
initial values. However, if the impact of sulphur is assumed limited on the metal sites capable to 
strongly adsorb CO, the values (SAs) for Rh-P/LA and Rh/LA dropped to 42 % and 24 % of their 
initial levels. It clearly comes out that P-addition helped to preserve a much higher active surface 
area (0.79 m
2
/g vs. 0.32 m
2
/g) of those isolated and coordinatively unsaturated Rh surface atoms 
which are generally reported to decrease the energy required to form relevant transition states for 
the initial C–H bond activation step in reforming reactions [52]. Increasing further the temperature 
of the H2 pre-treatment (1h) up to 800 °C, the sulphurized Rh-P/LA catalyst recovered some but not 
all of its strong CO chemisorption capacity (Table 3), suggesting that complete regeneration is a 
rather slow process and/or some catalyst reconstruction had occurred. However a precise evaluation 
of the various modes of CO adsorption was somehow precluded by a strong contribution coming 
from the support, possibly due to its partial superficial reduction. 
To sum up, the interaction of phosphorous with Rh showed several positive effects: i) it formed a 
metallic surface capable to strongly adsorb CO; ii) it improved the metal dispersion on the alumina 
support; iii) it significantly inhibited the strong sulphur adsorption and lowered the resulting surface 
S coverage with special regards to those sites capable of strong CO adsorption. 
Accordingly to TPR results, not all of the phosphorous interacted with Rh to form a new metallic 
phase in the Rh-P/LA catalyst; thus it can be argued that an even better S-tolerance might be 
achieved if one manages to force the formation of the Rh-P active phase. 
 
3.3.3 Catalytic partial oxidation performance testing 
 
After stabilization of the CPO performance of the Rh-P/LA honeycomb monolith under self-
sustained conditions at CH4/O2 =2 in air (Tcat = 730°C, complete O2 conversion), the impact of 
sulphur was studied by following the transient response of the catalytic reactor to a step addition of 
SO2 to the feed. The typical temporal profiles of methane conversion, temperature inside the 
catalyst (Tcat) and selectivity to CO and H2 are reported in Figure 9 a-d for the addition and 
subsequent removal of 20ppm of SO2.  
 - 73 - 
 
 
Figure 9:Transient response to SO2 addition (20 ppm) and removal during the CPO of methane on 
Rh-P/LA honeycomb: (a) methane conversion, (b) temperature in the middle of catalyst, selectivities 
to (c) CO and (d) H2. Feed CH4/O2 = 2, air as oxidant. 
 
In line with recent results with Rh catalysts supported on various stabilized aluminas [4,5,51,53-54] 
the step addition of S to the feed to the CPO reactor resulted in a rapid decrease in CH4 conversion 
and selectivity to H2, which was accompanied by a corresponding sharp increase in the catalyst 
temperature, whereas the selectivity to CO was only marginally reduced. Such peculiar behaviour 
has been associated [4-5] to the inhibiting effect of sulphur on the kinetics of the endothermic 
methane steam reforming reaction (eq. 3.2), which significantly contributes to syngas formation 
over Rh catalyst [36-37] consuming part of the heat generated by the catalytic oxidation reactions. 
At the same time oxygen conversion from Rh-P/LA CPO reactor (not shown) remained complete, 
in good agreement with results of Bitsch-Larsen et al. who reported that the rates of O2 
consumption on Rh (i.e. O2 spatial profiles along the CPO reactor) were independent of the sulphur 
level, likely because the kinetics of the oxidation reactions remained much faster than the transport 
phenomena even in the presence of sulphur. 
CH4 + H2O ↔ CO + 3H2,             
    = +206 kJ/mol                                                                  (3.5) 
For each level of S in the feed (up to 58 ppm) the Rh-P/LA catalyst reached a novel steady state 
within ca. 10-15 min, without any visible sign of further loss/modification of its catalytic 
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performance during time on stream in the presence of SO2, at least on a time scale of a few 
additional hours (not shown). This suggests a dynamic equilibrium between S adsorbing on the 
surface of the active sites and S desorbing into the gas phase, which is governed by the catalyst 
temperature and sulphur concentration [5]. Upon removing the SO2 from the reaction feed, the 
activity/selectivity of the Rh-P/LA catalyst was found to increase immediately although it required 
a relatively longer time in order to completely recover the initial levels, as opposed to the fast 
regeneration occurring on the undoped Rh/LA catalyst [5]. Therefore the interaction between Rh 
and P, which was shown to reduce the amount of S taken up by the metal, slowed down the 
desorption of a part of the surface S via reaction with gas phase H2. A similar slow recovery effect 
was previously observed due to the presence of Ce in a Rh/CeO2-γ-Al2O3 foam catalyst [4]. The 
complete reversibility of the S-poisoning effect under the studied reaction condition was also 
confirmed by the unchanged values of the temperatures measured at three different locations along 
the reactor before the addition and after the removal of sulphur, indicating the development of 
identical temperature (and reactivity) profiles inside the catalytic honeycomb. 
Having ruled out any further decay of activity induced by progressive S-poisoning, steady state 
performance of Rh-P/LA and reference Rh/LA monolith [5] can be compared in Figure 10 a-c as a 
function of the S load in the feed. 
Under S free conditions both Rh based honeycombs displayed similar performance in terms of CH4 
conversion and yield to CO and H2. This result is particularly significant in view of the lower 
loading of active washcoat on the Rh-P/LA honeycomb (0.11 g/cm
3
) with respect to its Rh/LA 
counterpart (0.17g/cm
3
), which was completely compensated by the larger active surface area 
measured on Rh-P/LA catalyst (Table 3). In fact it was demonstrated that during methane CPO over 
structured Rh-based catalysts, oxidation reactions are so fast to proceed under fully external mass 
transfer control, consuming all of the molecular oxygen in the very first part of the reactor [55-57]. 
On the other hand, the catalytic methane steam reforming (3.6), which significantly contributes to 
syn-gas formation [55-56], is a much slower reaction that occurs under kinetic control on Rh, 
spreading all over the catalytic reactor [58]. 
The Water Gas Shift reaction (3.7) is generally equilibrated at the exit of Rh-based CPO reactors 
[56,58]. 
CH4 + H2O ↔ CO + 3H2,             
     =+206 kJ/mol                                                                 (3.5) 
CO + H2O ↔ CO2 + H2,               
     = -41 kJ/mol                                                                   (3.6) 
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These results suggest that the addition of phosphorous to Rh with the possible formation of a new 
metallic phase enhanced the intrinsic activity for methane steam reforming (per gram of catalyst), 
likely through the increased metal dispersion, while not significantly affecting the oxidation 
reaction path. This contrasts with recent results showing an evident poisoning effect caused by the 
addition of P to a 2.5 wt% Rh/α-Al2O3 during the steam methane reforming at 700°C, which 
eventually resulted in the formation of carbon filaments with large rhodium particles at the tip [6]. 
Those authors reported a much lower initial dispersion of Rh on α-Al2O3 (ca. 10%) which was 
further decreased down to 3.6% (with Rh particles of ca 30nm) after the addition of 1 atom of P for 
every 5 atoms of Rh. The striking discrepancy in the effect of P may thus originate from differences 
in the initial metal dispersion, as well as from the lack of a H2 prereduction at high temperature [6] 
which is required for a favourable structural reconstruction. 
 
Figure 10: Effect of SO2 addition on  CH4 conversion (a), yield to H2 (b) and to CO (c) from the 
CPO over RhP/LA honeycomb catalyst. Feed CH4/O2=2, air as oxidant. Arrows indicate 
thermodynamic equilibrium values (P, h =constant). 
 
Upon addition of sulphur the extent of deactivation of the P-doped Rh catalyst was always 
significantly lower than its metallic counterpart showing higher methane conversion and yields to 
syngas (and particularly to H2, Figure 10 a-c) and a corresponding smaller jump in the catalyst 
temperature (Figure 11).  
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Figure 11: Increase in catalyst temperature as a function of the variation of fuel conversion 
measured upon the addition of sulphur to the feed during the steady state CPO of methane over 
Rh-P/LA and Rh/LA honeycomb catalysts. Labels indicate sulphur content in the feed (CH4/O2=2 in 
air). 
 
As an example, at the maximum S level added to the feed (58ppm), Rh-P/LA catalyst converted ca. 
66.6 % of methane, with 55 % yield to H2 and 56.5 % yield to CO, as opposed to 62.5 %, 48.5 % 
and 54.6 % measured respectively on the reference Rh/LA honeycomb. In fact the temperature rise 
measured in the honeycomb upon addition of S was proportional to the corresponding drop in 
methane conversion on each catalyst (Fig.11). Starting from this observation, a simple heat balance 
on the gas phase was proposed [5] in order to calculate a lumped value for the heat of the reaction 
involving methane which was inhibited by S, 
   
     
    
    
 (
  
     
)                                                                                                                   (3.7) 
where Cp is the specific heat of the product gas mixture, W is the total molar flow rate, and FCH4 is 
the hydrocarbon feed molar flow rate. By assuming a thermal equilibrium between gas and solid 
(i.e. exit gas temperature is equal to the measured catalyst temperature) and substituting the value of 
ΔT/ΔxCH4 obtained from the slopes of the line in Fig.11 [5,51], the heat of reaction was estimated to 
be in the range +225 – 240 kJ/mol at 700°C for both catalysts which corresponds well to the heat of 
reaction of methane steam reforming (3.5) at that temperature. The inhibition of steam reforming is 
further corroborated by the change in the flows of products from Rh-P/LA catalyst induced by S-
addition, exemplified in Table 4 for the case of 9 ppm SO2 in the feed. 
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  SO2 Differences* 
CH4/O2=2  0 ppm 9ppm Δ (9-0) 
XCH4 (%) 78.9 70.0 - 8.9 
YH2 (%) 72.8 59.8 - 26.0 
YCO (%) 69.0 60.3 - 8.7 
YH2O (%) 6.1 10.2 +8.2 
YCO2 (%) 9.9 9.7 -0.2 
                                        * Molar differences of each species produced from a feed of 100 CH4 
Table 4. Changes in the steady state performance of methane CPO over Rh-P/LA honeycomb 
induced by the addition of 9ppm SO2. Feed CH4/O2=2, air as oxidant. 
 
In agreement with the results on Rh/LA [5] and Rh/CeO2-γ-Al2O3 [4], the measured change in CO 
production corresponded to the drop in converted methane (i.e. unchanged SCO), while the drop in 
the H2 flow was almost three times larger, accordingly to the stoichiometry of reaction (3.6). 
 
3.3.4 Equilibrium considerations 
 
In order to better quantify the effect of sulphur the experimental values of the proportionality 
constant for steam reforming (3.8) and water gas shift (3.9) reactions were calculated, according to 
the definitions: 
         
   
    
        
                                                                                                                   (3.8) 
 
         
       
       
                                                                                                                 (3.9) 
 
Those values were compared (Figure 12 a-b) to the corresponding equilibrium constants KSR and 
KWGS calculated at the temperature at the exit of the catalytic honeycomb. 
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Figure 12: Values of the proportionality constant for steam reforming (a) and water gas shift (b) 
reactions calculated at the exit temperature from Rh-P/LA and Rh/LA honeycomb catalysts during 
methane CPO under S-free operation and in the presence of SO2 added to the feed (2-58 ppm). 
Continuous lines represent the corresponding equilibrium constants for each reaction at P=1.1atm.      
 
For both catalysts the WGS reaction was equilibrated under S-free feed conditions; however the 
Kexp,SR /KSR ratio was in the range 0.4 - 0.5, confirming that methane steam reforming was 
kinetically limited, which was expected also considering the heat losses from the CPO reactor 
whose thermal efficiency was estimated at ca. 80% - 85% [59].  
As already discussed, sulphur addition progressively inhibited methane steam reforming without 
completely stopping it, as shown by the continuous decrease in the Kexp,SR values which followed 
the opposite trend of the equilibrium constant and collapsed in a single line for the two catalysts 
because the temperature increase was indeed caused by the inhibition of the steam reforming. 
However P doping significantly enhanced the S tolerance of the Rh-P catalyst as shown by its 
higher Kexp,SR at each S level. The WGS reaction was also partially inhibited by sulphur on both Rh-
based catalysts [6,60], although the detrimental effect was markedly lower than for steam 
reforming, and smaller for Rh-P/LA as demonstrated by the closer approach to the equilibrium 
curve in Figure 12b. 
A rough and preliminary estimate of the impact of sulphur on the rate of methane steam reforming 
over the two catalysts was attempted through the inclusion of an “activity coefficient” in the kinetic 
expression as suggested by [57], assuming that sulphur only caused a reduction in the number of 
active sites (unchanged activation energy). The activity coefficient corresponds to the ratio of the 
pre-exponential factors in the SR kinetic constants with and without sulphur and was estimated by 
the measured drop in methane conversion, taking into account the variation in the average 
temperature of the catalyst (second part of the reactor). The correction factor for the approach to 
equilibrium was neglected at least for the case with S-addition in agreement with results of Figure 
12a.  
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The CPO reactor was schematically simplified as the series of two reactors: in the first one 
oxidation reactions proceed under external mass transfer regime and consume all of the molecular 
oxygen and some methane to form both partial and total oxidation products; in the second part 
unconverted methane and water react together via steam reforming producing some more syngas 
[4,56]. In fact it was shown that steam reforming spreads all over the CPO reactor due to the zero 
concentration of oxygen on the surface of Rh based catalysts which works under external mass 
transfer limitation [58]. 
 
Figure 13: Schematization of CPO reactor. 
 
For the purpose of this calculation, the inhibiting effect of sulphur on methane conversion was 
assumed to be limited to the second steam reforming reactor. In fact Bitch–Larsen et al. [4] 
demonstrated by detailed spatial profiles within a Rh-Ce/γ-Al2O3 foam catalyst during methane 
CPO that the length of the first oxidation zone was not affected by the presence of sulphur in the 
feed, and the conversion of methane at the exit of this zone, constantly remained around 45%. For 
the SR reaction rate it was assumed a first order dependence on methane concentration, neglecting 
any other dependency apart from the approach to equilibrium: 
                    [mol/(g s)]                                                                  (3.10) 
              ( 
     
  
)  [Nm3/(g s)]                                                    (3.11) 
                        [kJ/mol]    [57] 
    
     
      
                                                         (3.12) 
      
      
 
        
   [atm
2
]                                                                 (3.13) 
         
           [mol/Nm
3
]                                                                (3.14) 
 
Under the experimental conditions explored the steam reforming reaction was always far away from 
equilibrium           when sulphur was added to the feed to the CPO reactor with each of the 
two catalysts (Figure 14). For S free conditions at the end of the CPO reactor       was roughly 
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0.8 with both catalysts; thus, in order to calculate the apparent kinetic constant    ,       was 
averaged between inlet (=1) and outlet conditions of the steam reforming zone and set at a constant 
value of 0.9.  
 
Figure 14: Thermodynamic driving force for methane steam reforming reaction calculated for Rh-
P/LA and Rh/LA catalyst from steady state compositions and temperature of the effluent gas from 
the CPO reactor as a function of the S concentration in the feed. 
Assuming an ideal isothermal PFR reactor in which methane is only consumed by steam reforming 
the apparent average kinetic constant for the SR reaction can be expressed in terms of methane 
conversion (     , both under S-free conditions: 
                    
      ̅  
 
 
                                                          (3.15) 
And with sulphur added to the feed          : 
         
     (      
    )    ̅  
  
 
                                         (3.16) 
where W is the mass of catalyst in the SR reactor, Q is the gas flow rate, superscript ox and S 
denote respectively conditions at the exit of the first oxidation reactor (inlet of steam reforming 
zone) and the presence of sulphur in the feed. As already pointed out,     
       
           were set 
according to literature data obtained during the CPO in air at CH4/O2=2 with a Rh based foam 
catalyst [4]. 
Also the amount of catalyst in the steam reforming reactor zone and the gas flow rate are unaffected 
from the presence of sulphur. 
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Thus the ratio of the apparent kinetic constants  ̅  
  ̅  ⁄  with or without sulphur added to the feed 
was calculated for each of the two catalyst from the above equations (3.15) and (3.16) at each 
sulphur concentration (2–58 ppm) by considering the methane conversion values experimentally 
measured at the exit of the CPO reactors. Assuming the activation energy of SR reaction is 
unchanged by sulphur poisoning, an “activity coefficient” due to the inhibiting effect of sulphur can 
be defined as the ratio of the pre-exponential factors in the Arrhenius expression for the apparent 
kinetic constant of SR:  
                       
   
 
   
 
 ̅  
 
 ̅  
    ( 
     
 
(
 
 ̅
 
 
 ̅ 
))                         (3.17) 
where  ̅ represents an average temperature in the SR reactor, which was simply estimated as the 
mean of the experimental values measured in the second portion of the catalytic monoliths (centre 
and exit, respectively at 5mm and 10 mm from the inlet): 
 ̅  
    
        
    
 
  [K]                                          (3.18) 
 
 
Figure 15: Activity coefficient accounting for S poisoning of the steam reforming reaction over 
RhP/LA and Rh/LA honeycomb catalysts as a function of S level in the feed during methane CPO 
(CH4/O2=2 in air). 
 
The activity coefficient values followed similar trends for the two catalysts (Figure 15), decreasing 
markedly for the initial addition of few ppm of S to the feed, and then approaching a saturation 
value at the highest S level. In particular for the Rh-P/LA catalyst the activity coefficient was 
estimated in the range from 0.4 to 0.1, being as much as 2 times higher than for the reference 
Rh/LA catalyst. Those results reflect the higher tolerance of P-promoted Rh towards strong sulphur 
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chemisorption, which in turn resulted in a higher residual active metal surface (Table 3). In fact 
activity coefficients suggest that the drop in the rate of methane steam reforming is mainly 
connected to the loss of those active sites capable of strongly chemisorb CO rather than on the total 
exposed metal sites [52]. 
 
3.3.5 Dry reforming tests 
3.3.5.1 Catalysts characterization 
 Elemental 
analysis* 
S BET* 
[m
2
/g] 
 
 
%Rh 
(wt) 
%P 
(wt) 
 
 
1% Rh-P/LA_T 0.9 
b
 0.1
b
 117 
1% Rh/LA_T 0.9
 b
 - 120 
1% Rh-P/LA 1
 c
 0.19
 c
 130.6 
1% Rh/LA 0.9
 c
 - 122.2 
                        a)After reduction at900°C 
                          b)By AAS at TUM 
                          c)By ICP-MS                           
Table 5: Denomination of catalysts, elemental composition and BET surface. 
 
 
Actual content of metals and BET measurements, shown in Tab.5, were performed to confirm the 
analogy between the samples synthesised with slightly differences in the preparation methods (see 
section 2.1.1). The amount of Rh after the final TPR treatment at 900 °C , was the same for both the 
catalysts prepared at TUM and similar to the values of noble metal loading of their corresponding 
sample utilized in CPO. The presence of phosphorous, though with a lower value than the expected 
loading, indicated that no significant loss occurred after the thermal treatment at 900°C. The BET 
surface areas of both Rh-P/LA_T and Rh/LA_T were in line with the results obtained with the 
catalysts previous prepared, showing a limited decrease in the surface area in comparison to the 
bare support (LABET =140 m
2
/g) due to the presence of rhodium in all the cases. 
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H2 
uptakea 
Dispersionb Diameter 
CO uptakec 
(weak+strong) 
Strong 
(CO 
gem.) 
Weak 
(CO 
linear) 
Dispersion Diameter 
 [μmol/g] [%] [nm] [μmol/g] [%] [nm] 
Rh-P/LA_T 87 44.8 2.4 57.9 47.2 10.7 39.2 2.8 
Rh/LA_T 38 19.7 5.5 30.5 26.1 4.1 19.6 5.6 
Rh-P/LAc - - - 89.1 80.4 8.7 51.3 2.1 
Rh/LAc - - - 57.1 49.5 7.6 37.5 2.9 
a) chemisorption measured at 35°C 
a) stoichiometry H/Rh=1 
c) see section (3.3.2) 
Table 6: Results of H2 and CO chemisorption measurements, percentage metal dispersion and 
average diameter  of crystallites. 
 
 
In table 6, results obtained with H2 and CO chemisorption are reported. The dispersion values have 
been calculated with a stoichiometry H/Rh=1, while in the case of CO adsorption the stoichiometry 
has been assumed equal to 2 and 1 respectively for the strong and weak adsorption components on 
Rh accordingly to DRIFT experiments reported in section 3.3.2. 
As regards the samples prepared at TUM, H2 and CO chemisorption data show a good agreement, 
with a very slight difference for Rh-P/LA_T, while perfectly coincident for the undoped catalyst. 
Through the very similar comparative data, obtained with techniques employing different adsorbate 
molecules, it is possible to confirm the reliability of dispersion calculations of Rh metal particles by 
means of CO distinguishing between strong and weak adsorption. It must be emphasized, that the 
efficiency of CO measurements is also supported by the utilization of higher amount of catalyst (up 
to 1 gram) than the H2 tests, that together to a higher stoichiometry CO/Rh (=1-2) than H2/Rh (0.5), 
allows to measure a significant uptake. Moreover, it is claimed that if H2 chemisorption is carried 
out at room temperature, hydrogen spillover processes on the support can easily occur in presence 
of a metallic phase [61]. Thus, the relative higher value of dispersion calculated for Rh-P/LA_T by 
H2 in comparison to that calculated by CO could be related to a higher H/Rh ratio than the real 
value, due to the spillover effect. Despite all, focusing on the dispersion results, it is clear that the P 
addition leads to a higher dispersion of Rh particles: in the lower case (i.e. CO measurements) 
RhP/LA_T has a double dispersion than the reference sample and an average diameter of the metal 
particles equal to 2.8 instead of 5.6 nm calculated for Rh/LA_T. In table 2, the value of dispersion 
and dimension of particles relative to Rh-P/LA and Rh/LA already described in section 3.3.2 are 
also recalled for the sake of comparison. Their dispersion values are slightly higher than those 
corresponding to the catalysts prepared later, thus resulting in lower dimension of crystallites; 
although phosphorous results in an improved dispersion in both the cases, the difference is probably 
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ascribed to the changes in the preparation routes, especially taking account the different precursor 
for phosphorous used to prepare Rh-P/LA (see section 2.1.1).  
In order to have a further probe on the difference of dispersion between the doped catalyst and its 
counterpart, TEM images were taken. Unfortunately, the pictures collected ( not shown) for the two 
samples didn’t allow to estimate particles mean size and particles size distribution. Indeed, for high 
surface areas supports, the TEM observation becomes more difficult because of the low contrast 
between the small metallic particles and the support and it is not easy to obtain quantitative data on 
metal dispersion [61].  
 
3.3.5.2 Dry reforming catalytic tests 
 
 
Figure 16: Time-dependent conversions of CH4 (a) and of CO2 (b) over  Rh-P/LA_Tand Rh/LA_T , 
P=1 atm, T furnace=850°C, P 1 atm, space velocity 1.2*10
5
 ml/(h g). 
 
The time-dependent activities of supported Rh catalysts are plotted in Fig. 16. The conversions of 
CH4 and CO2 remained unchanged during the period of study, 16 h. Especially the P doped sample, 
which conversion values are arranged in a straight line, didn’t show any sign of deactivation. Both 
methane and CO2 conversions approached the equilibrium prediction for Rh-P/LA_T, resulting in 
an H2/CO ratio equal to 1, as it is shown in fig. 17, while the activity of undoped catalyst slightly 
departed from the equilibrium lines.  
 
b) a) 
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Figure 17: Time-dependent H2/CO ratio over  Rh-P/LA_Tand Rh/LA_T , P=1 atm, T 
furnace=850°C, P 1 atm, space velocity 1.2*10
5
 ml/(h g). 
 
Altough the good stability and high activity of both the samples, Rh-P/LA_T displayed a better 
overall performance, i.e. higher conversion than the reference Rh/LA_T. This occurrence is likely 
ascribed to the higher metal dispersion of P doped Rh catalyst. Indeed, Wang and Ruckenstein [62] 
investigated the effect of particle size on the specific activity of Rh for the CO2-reforming of CH4 
over the Rh/γAl2O3 catalyst. They changed the particle size by varying the Rh loading: the turnover 
frequency (TOF) was found strongly dependent on the particle diameter of Rh in the range of 1–7 
nm. This result suggested to the authors that the reforming reaction is structure sensitive on γAl2O3 
supported Rh catalyst. These findings agree with the results obtained in this work, as higher activity 
is achieved with the more dispersed Rh-P/LA which average particle diameter is half in comparison 
to the reference Rh/LA.  
Equilibrium calculations (shown in fig.18) indicated the occurrence of very small amount of solid 
carbon (0.58% mol) at operative conditions used in this work. However, during reforming 
operations, coke formation is possible even when it is not predicted by thermodynamics. For 
example, Rostrup-Nielsen investigating the carbon deposition reactions over Ni catalysts [27] stated 
that the Boudouard and methane decomposition reactions are catalyzed by Ni, causing carbon to 
grow as a fibre/whisker. In the context of steam methane reforming, in which the primary carbon 
deposition route is methane decomposition, Rostrup-Nielsen described carbon formation related 
also to a kinetic allowance in spite of overall thermodynamics leading to methane decomposition 
into carbon (instead of reacting with steam).  
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Figure 18: Equilibriun mole fraction versus temperature calculated at atmospheric pressure and 
CH4/CO2/N2=1/1/2. 
 
Under dry reforming conditions, this situation may even get worse in comparison to steam 
reforming, since the absence of steam as reactant that can gasify deposits of solid carbon. 
In this work, both catalysts investigated, showed an excellent stability without any decay in 
conversion of CH4 and CO2, whose occurrence is generally explained through coke formation 
during dry reforming operations. This outcome is especially relevant for Rh-P/LA indicating the 
maintenance of a strong interaction between Rh and P also under severe reaction conditions, 
avoiding losses of phosphorous at high temperature. In addition to the stability results, visual 
inspection of the alumina tube in which the catalysts were allocated, didn’t show any carbon 
deposition after testing runs. The non-occurrence of coke formation is of particular relevance for 
Rh-P/LA_T, since the previous studies of Chakrabarti et al [6] found a negative effect of 
phosphorous addition (1 atom of P for every 5 atoms of Rh) to the catalysts during  steam reforming 
of methane, in terms of conversion and carbon deposition. As above mentioned, they argued that 
phosphorous decreased the dispersion of Rh-αAl2O3 spheres from a value of 10% to 3% (with Rh 
particles of ca30nm). Moreover, they demonstrated through SEM images of P doped systems, the 
formation of carbon filaments on the catalyst after performance testing. They observed the presence 
of whisker carbon species, tipically formed on Ni catalysts due to methane decomposition and 
Bodouard reaction, attributing this situation to the poison effect of Phosphorus on the surface–
carbon gasification reactions, leading to accumulation of carbon on surface of rhodium. The 
impressive discrepancy in the effect of P is likely related to the different dispersions of doped 
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catalysts as well as to the absence of a H2 pretreatment at high temperature [6] which is required to 
obtain an effictive interaction between the two metals. 
 
3.4 Conclusions 
 
A novel monolith catalyst with Rh supported on γ-alumina and doped with phosphorous was 
prepared by temperature-programmed reduction of oxidic precursors in flowing H2 and tested for 
the first time in the CPO of methane at short contact time and high temperature in the presence of 
sulphur. The interaction of phosphorous with Rh showed several positive effects:  
i) it formed a metallic surface capable to strongly adsorb CO; 
ii) it improved the metal dispersion on the alumina support;  
iii) it significantly inhibited the strong sulphur adsorption and lowered the resulting surface 
S coverage with special regards to those sites capable of strong CO adsorption.  
Reaction of phosphorous with the alumina also enhanced the stability of the support probably 
through the formation of surface AlPO4 but partially prevented a complete reaction of P with Rh. 
Direct comparison of CPO performance data with the reference undoped Rh catalysts showed a 
significant enhancement of the specific steam reforming reaction rate, which can be correlated to 
the higher metal dispersion, and markedly contrasts with previous reports on the poisoning effect of 
P on Rh/α-Al2O3. Above all, the P doped Rh catalyst was significantly more S-tolerant then the 
reference undoped system, guaranteeing a higher methane conversion and H2 selectivity at any S 
level in the feed up to 58ppm, while reducing the risk of excessive catalyst overheating due to the 
S-inhibition of the endothermic steam reforming reaction path. The higher residual steam reforming 
activity of the Rh-P catalyst during the CPO of methane in the presence of sulphur appears to be 
correlated to the larger exposed active metal surface capable to strongly bond CO (as gem-
dicarbonyl species) at room temperature. 
The beneficial effect of P-doping has also been demostrated during the dry reforming tests carried 
out at TUM, further confirming the promising results found for CPO of methane in the presence of 
sulphur. Indeed, also in this reaction, the enhanced dispersion relative to phosphorous addition leads 
to higher activity than the reference undoped catalyst and excellent stability, without any 
deactivation due to coke formation, on the contrary of previous results reported in literature on 
detrimental effect on dispersion and steam reforming activity of ethane for P doped systems.  
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4. Effect of sulphur during the catalytic partial oxidation of ethane to syngas 
over Rh and Pt honeycomb catalysts 
 
4.1 Introduction  
 
In addition to methane, other fuel feedstocks, such as light hydrocarbons heavier than CH4, could be 
considered to feed a CPO reactor to obtain syngas. Since the natural gas is typically composed of 
methane and ethane, the objective of obtaining syngas from ethane is a direct use of natural gas as 
feed at the on-site gas field without separating respective components.  
In the case of CH4 CPO over Rh and Pt it is largely accepted that the gas-phase paths are negligible 
at atmospheric pressure and the catalytic route dominates [1-4]. However, the gas phase chemistry 
can play an increasingly important role for higher alkanes following the progressive lower stability 
of the C-H bond [5,6], as in the case of CPO of ethane or propane [7,8], when large quantities of 
ethylene can be formed with Pt based catalysts (but not with Rh) mainly through homogeneous 
reactions if proper conditions are met [5,7-12]. 
The adverse impact of sulphur compounds on catalytic performance is well known [13,14], 
however, only few publications are available in the field of sulphur poisoning during CPO of higher 
hydrocarbons. Since the S inhibition of the highly endothermic reforming reactions causes the 
reactor temperature to rise considerably [15-18] and in turn increases the risk of catalyst 
deactivation due to overheating by hot-spot formation close to the entrance section [4], the issue of 
catalyst stability may become even more serious during the CPO of ethane or propane due to their 
higher reaction enthalpy as compared to CH4 [19]. However, regarding the effect of the 
hydrocarbon fuel type (form methane up to diesel) on syngas production by CPO on Rh-based 
catalyst, it was reported that increasing both the molecular weight and the aromaticity makes the 
fuel more sulphur tolerant for H2 generation. In particular with propane feed, a small addition of 
SO2 (5 ppm) caused a somehow surprising, small but still appreciable increase of H2 production 
[20], which was reduced by any further increase of S level. 
Moreover, it was also found that Pt-based catalysts have lower activity but greater tolerance than Rh 
to sulphur poisoning [15,17]. 
 
The object of this chapter is the study of the effect of sulphur addition to the feed during the CPO of 
ethane for syngas  production (C2H6/O2=1) over γ-alumina supported Rh and Pt catalysts anchored 
to honeycomb monoliths.  
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4.2 Experimental Procedure  
 
Standard supported Rh and Pt catalysts (respectively 1 and 2% by weight of the alumina, in order to 
obtain similar atomic concentrations) were prepared via repeated incipient wetness impregnations 
as described in Chapter 2.1.1. The catalytic tests were carried out on monolith samples as described 
in Chapter 2.2.1, under self-sustained pseudo-adiabatic conditions conditions at fixed pre-heating 
(235 °C or 350 °C) and an overall pressure of P=1.2 bar, respectively using air or enriched air 
(O2:N2 = 1:2) as oxidant. The impact of sulphur addition (2 and 58 ppmv SO2) was investigated at 
fixed C2H6/O2 feed ratio=1 (stoichiometric for syngas production), under both transient and steady 
state conditions. 
 
4.3 Results and Discussion  
 
4.3.1 Rh catalyst 
 
Sulphur poisoning on Rh catalysts during the CPO of ethane was rapid and completely reversible, 
in analogy with what found over Rh/La and Rh-P/LA catalysts with methane feed. 
 
 
Figure 1: Transient response to SO2 addition and removal on the temperatures measured in the 
centre of the catalytic monolith and in the gas leaving the reactor during ethane CPO over Rh/LA 
catalyst. Feed C2H6 25 Sl/h,C/O=1, enriched air (N2:O2=2:1), GHSV 5.8x10
4
 h
-1
,pre-heating 350 
°C. 
 
Fig. 1 shows that the step addition of 51 ppmv of S to the feed to the CPO reactor resulted in a 
sharp but moderate increase in the temperature of the catalyst by roughly 40°C, followed by a 
corresponding increase in the outlet temperature of the product gas. A new steady state of the CPO 
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reactor was reached within roughly 10 min, characterized by stable catalytic performance with a 
somewhat lower activity towards syngas formation (Fig. 2).  
In fact the oxygen conversion was always 100% and was not affected by sulphur poisoning, in good 
agreement with results of Bitsch-Larsen et al. [15] who reported that the rates of O2 consumption 
(i.e. O2 spatial profiles along the reactor) and the initial CH4 conversion are independent of the 
sulphur level. This is most likely due to the kinetics of the oxidation reactions which remain much 
faster than the transport phenomena even in the presence of sulphur. 
 
 
Figure 2: Effect of SO2 addition on the temperature of the catalyst, C2H6 conversion, yields to H2 
and CO during the CPO of ethane over Rh/LA monolith operated at C/O=1 with air or enriched air 
as the oxidant, respectively at feed pre-heating of 235 °C and 350 °C, GHSV=5.8x10
4
 and 6.7x10
4
 
h
-1
. 
 
The complete reversibility of the S-poisoning effect under the studied reaction condition was 
confirmed by the identical values of the temperature measured in the reactor before the addition and 
after the removal of sulphur (Fig. 1). The temperature of the catalyst was found to decrease 
immediately and the initial level was regained on a time scale that is comparable to that of the 
poisoning process. A further step addition of 21ppm SO2 followed by progressive step reductions in 
the S-level back to sulphur free conditions (Fig. 1) confirmed the qualitative repeatability of the 
observed catalytic behaviour and demonstrated that the poisoning effect is directly dependant on S-
concentration. In the absence of sulphur Rh catalyst showed an almost complete conversion of 
ethane feed (Fig. 2b) and yields to CO and H2 (Fig. 2c,d) close to the corresponding values 
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predicted by adiabatic equilibrium (dashed lines), which are higher when the CPO reactor is 
operated at a higher temperature (Fig. 2a), i.e. with enriched air and a high pre-heating level. 
Heat losses from the hot CPO reactor are responsible for small losses in fuel conversion and 
selectivity to syngas with the consequent deviation from equilibrium in the distribution of products 
[19]. At steady state the addition of S to the feed to Rh-based monolith caused a monotonic increase 
in the temperature of the catalyst and a corresponding reduction in the conversion of ethane (Fig. 
2a,b) which was more pronounced when the CPO reactor was operated at higher dilution (i.e. in air) 
and at lower pre-heating. Moreover, the inhibiting effect appears to saturate for lower levels of S if 
the initial (S-free) operating temperature of the catalyst is higher. In agreement with previous results 
of CH4 CPO on Rh based catalysts, also discussed in this dissertation, it is suggested that the 
inhibiting effect of S depends on the equilibrium coverage of the most active, highly dispersed Rh 
sites due to the (reversible) formation of surface Rh-sulphide species, which is favoured by high 
values of PH2S=PH2 ratio and low temperatures [16,17,21]. 
Regarding the effect of S on steady state yields CO and H2 reported in Fig. 2 c,d, they both 
decreased along with fuel conversion upon S addition when the C2H6 CPO reactor was run at high 
temperature (≥900°C). However, when operating the Rh catalyst on air at lower temperatures (≈750 
°C), small concentrations of S in the feed caused an unexpected increase in the H2 yield, which 
passed through a maximum exceeding its equilibrium value for [S] ≈ 3 ppmv. On the other hand, 
the yield to CO decreased progressively for increasing S level in the feed, following the same trend 
of ethane conversion. A similar, though less evident, promoting effect of low concentrations of S on 
the hydrogen production was previously identified during the CPO of propane over Rh catalyst but 
was not discussed further [20]. In order to get some more insights into the origin of such unexpected 
increase in H2 selectivity induced by S on Rh catalyst, Fig. 3 depicts the flows of major species 
from the CPO reactor running on air, as a function of S in feed; the same data are also reported in 
Table 1 for some selected S levels.  
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Figure 3: Effect of SO2 addition on the steady state flows of products from the Rh/LA monolith 
during the CPO of ethane in air. Feed C2H6 20 Sl/h, C/O=1,GHSV = 6.7x10
4
 h
-1
, pre-heating 
235°C. 
 
 Product flows (Sl/h) Differences 
S 
(ppm) 
0 2 3 37 58 Δ(2-0) Δ(37-2) Δ(37-3) Δ(58-3) 
C2H6 0.22 1 1.16 2.15 2.28 0.78 1.15 0.99 1.12 
CH4 2.12 0.73 0.53 0.34 0.41 -1.39 -0.39 -0.19 -0.12 
C2H4 1.8e-3 6.8e-3 8.8e-3 0.044 0.058 5e-3 0.037 0.035 0.049 
CO 36.1 35.7 35.5 33.5 33.1 -0.39 -2.24 -2.07 -2.47 
CO2 1.35 1.56 1.6 1.81 1.85 0.21 0.24 0.21 0.26 
H2 54.3 54.9 55.9 50.4 49.33 0.65 -4.51 -5.49 -6.6 
H2O 0.83 0.57 0.63 2.36 2.87 -0.26 1.79 1.72 2.24 
H2/CO 1.5 1.54 1.57 1.51 1.49 - - - - 
Table 1: Effect of SO2 addition at various concentrations on the steady state flows of products from 
the Rh/LA. 
 
As already pointed out, in the absence of sulphur, H2 and CO were produced with stoichiometric 
ratio (=1.5) at levels close to their corresponding equilibrium values (Fig.3a), with a slight deficit 
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which is mainly due the small fraction of unconverted C2H6 leaving the reactor (Fig.3c). The other 
main species CH4, CO2 and H2O were close or slightly above their predicted values (dashed lines). 
Traces of ethylene (≈10ppmv) were measured in the product stream though its expected equilibrium 
concentration is lower by 2 order of magnitude. The maximum in H2 production observed at low 
concentrations of S was accompanied by a simultaneous increase of unconverted C2H6 and a 
significant drop in CH4 production  (Fig. 3c, Table 1), which then levelled off for higher values of 
S. The differences in the flows of C2H6, CH4 and H2 produced with or without 2 or 3 ppm of S 
(Table 1) suggest that the first measurable effect of S at low concentrations is the inhibition of 
ethane hydrogenolysis (4.1). 
C2H6 + H2 → 2CH4 ,                      
     = -65 kJ/mol                                                                  (4.1) 
CO + 3H2 ↔ CH4 + H2O,              
     = -206 kJ/mol                                                                (4.2) 
This reaction is reported to proceed at significantly fast rates on Rh [22-25], being responsible for 
the high CH4 production observed on supported Rh/YSZ during the steam reforming of ethane [22], 
particularly in the presence of added H2. In the same work [22] the authors ruled out any 
contribution to CH4 formation via methanation ((4.2), the reverse of methane steam reforming) 
whereas this catalytic reaction was recently invoked to justify a complex evolution of CH4 along 
Rh/α-Al2O3 based honeycombs during CPO of propane to syngas [6] under conditions similar to 
those used in the present study. C-C bond breaking during hydrogenolysis of alkanes (in particular 
ethane) is known to be a structure sensitive process [23-27], mainly catalyzed by step sites on the 
surface of Group VIII metals (in particular Ru, Os, Rh, Ir, and Ni [23-25]). Active step sites can be 
selectively removed or poisoned and their activity can be strongly suppressed by, for example, 
alloying with inactive metals (Ag or Cu on Ni [23,26,27]) or by presulphidation (on Ru [23], on 
Ir/Al2O3 and, to a lower extent, on the less active Pt/Al2O3 [24]): this approach has been applied in 
the design of industrial reforming catalysts to increase the selectivity for dehydrogenation versus 
hydrogenolysis [23]. 
Coming back to the flows of products from the Rh-based monolith, Fig. 3b shows that CO2 had a 
slight increase with the initial S addition and then reached a plateaux, whereas H2O was slightly 
reduced for the first addition of S and then increased progressively following the opposite trend of 
H2. The simultaneous increase in H2 and CO2 product flows discovers a second effect of S addition 
at low concentrations involving the water gas shift reaction (and it reverse) (WGS (4.3)), which is 
normally equilibrated on Rh catalysts under short contact time CPO conditions [1,2,22,28,29]. 
CO + H2O ↔ CO2 + H2,                  
     = -41 kJ/mol                                                                (4.3) 
C2H6 + 2H2O ↔ 2CO + 5H2,           
    = +347 kJ/mol                                                              (4.4) 
C2H6 + 2CO2 ↔ 4CO + 3H2,           
     = +429 kJ/mol                                                             (4.5) 
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Fig. 4: Comparison between WGS equilibrium constant and values calculated from the measured 
concentrations of products during ethane CPO over Rh and Pt based monoliths, at varying SO2 
concentration in the feed (see legend), as a function of the gas temperature at the exit of the 
catalyst. CPO operation at C/O=1, with air and preheating at 235°C (circles), or enriched air at 
350 °C (squares). 
 
Fig. 4 illustrates that the WGS constant calculated from the experimental concentrations of H2, CO2, 
CO and H2O produced with the Rh catalyst operated under S-free conditions in air approaches the 
corresponding theoretical value calculated at the exit temperature of the CPO reactor (Fig. 4a), 
being slightly higher than it. However, with 2-3 ppm of S in the feed, the WGS reaction was not 
equilibrated anymore: the sharp increase in the experimental value of the WGS constant indicates a 
kinetic limitation of the endothermic reverse WGS pathway, which was not able to consume the 
excess of H2 made available due to the inhibition of ethane hydrogenolysis. The reduction in the 
number of available active sites due to the strong chemisorption of S on Rh [16] can slow down the 
WGS kinetics, as found during methane steam reforming at 700 °C over S-doped Rh/α-Al2O3 
spheres [29]. However, increasing further the concentration of sulphur in the feed, the experimental 
value of the WGS constant approached again its theoretical equilibrium value, probably due to the 
simultaneous increase in the temperature level (above 750 °C) which sped up the kinetics on 
residual free Rh sites. In fact, when the Rh catalyst was operated at a higher temperature level the 
WGS reaction was always equilibrated, regardless of the presence of S (square symbols in Fig. 4a), 
thus explaining why the maximum in the yield to H2 was found only during operation in air. Fig. 4b 
shows that WGS reaction was equilibrated also on Pt catalyst during CPO of ethane in air, either in 
the absence or in the presence of up to 58 ppm of SO2 in the feed. This circumstance is justified by 
the higher temperature level at the exit of Pt catalyst comparable to the case of Rh operated with 
enriched air and higher pre-heating shown in Fig. 4a: Pt is reported to be less active than Rh for 
WGS reaction [28] but also more S-tolerant [15,21]. 
A third effect of sulphur appears clearly for concentrations exceeding 3 ppm (Fig. 3 b, c; Table 1): 
the increase in the unconverted ethane flow proceeded in a 1:2 ratio with the increase in the water 
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flow. The selectivity of the process to H2 was progressively reduced, since roughly 5 moles of H2 
disappeared for every additional mole of ethane which was not converted, whereas C-atom 
selectivity to CO was unchanged since 2 moles of CO disappeared for every additional mole of 
unconverted ethane. This effect is fully compatible with the inhibition of the endothermic steam 
reforming of ethane (SR (4.4)). As shown in Fig. 5, the temperature increase measured in the 
second (reforming) part of the Rh-based monolith upon variation of S from 3 up to 58 ppm of S is 
proportional to the reduction in ethane conversion, which agrees well with the data collected for the 
CPO of methane over Rh/LA catalyst [see Chapter 3]. Following the analogy with the CPO of 
methane, the hypothesis on the adverse impact of sulphur on SR can be further supported by a 
simple heat balance in the gas phase (Eq. (4.6)), assuming adiabatic operation and thermal 
equilibrium between solid and gas in the second part of the reactor [19,28], which makes possible to 
calculate an apparent heat of reaction for ethane from the slope of the lines in Fig. 5: 
 
 
Fig. 5: CPO of methane or ethane over the same Rh/LA monolith: a) increase in catalyst 
temperature as a function of the variation of fuel conversion measured upon the addition of sulphur 
to the feed; b) comparison of the apparent thermodynamic activity of sulphur chemisorbed on Rh 
for PH2S=PH2 at the exit of the catalytic monolith with that of bulk Rh2S; arrows indicate the 
catalyst temperature for S-free operation with methane [16] or ethane. Feed: methane or ethane at 
C/O=1, air as oxidant (O2 20 Sl/h), pre-heating 235 °C. 
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)                                                                                                                   (4.6) 
where Cp is the specific heat of the product gas mixture, W is the total molar flow rate, and Ffuel is 
the hydrocarbon feed molar flow rate. For the case of ethane, with a Rh catalyst operating at 
roughly 750 °C with S-free feed and air as oxidant, it turns out that ΔHr
750 °C 
=+360 kJ per mole of 
C2H6, which corresponds well to the heat of the ethane steam reforming reaction at that temperature 
level. The superimposed and larger poisoning effect of the exothermic ethane hydrogenolysis 
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(Table 1) found for the addition of 2-3 ppm of S, is the cause of the initial low temperature increase 
and change in the slope of the curve relevant to ethane feed in Fig. 5a. The simultaneous inhibition 
of SR and r-WGS occurring at low concentrations of S sum to each other, and result in an apparent 
poisoning effect compatible with the stoichiometry of ethane dry reforming (Eq. (4.5)): moving 
from 0 to 2 ppm of sulphur, the drop in the CO flow was roughly 2 times the increase in CO2 and 4 
times that of C2H6 (Table 1), after subtracting the contribution from inhibited hydrogenolysis (from 
Eq. (4.1) C2H6 + H2 → 2CH4 ). However no evidence of a direct dry reforming route was found 
during CPO of CH4 with added CO2 on Rh catalysts, and the present data suggest a marginal role of 
this reaction due to the slow kinetics with respect to steam reforming and direct/reverse WGS [5]. 
The adverse impact of sulphur on the rate of SR on Rh catalyst is significantly lower in the case of 
ethane with respect to methane: at the maximum concentration of S tested (58 ppm), the measured 
drop of fuel conversion ascribed to the inhibition of SR exceeds 15 points % for methane, with a 
corresponding ΔT = +230°C, whereas it accounts for only 6 points % for ethane (ΔT = +90°C). A 
comparative study of steam reforming reactivity with a Rh/YSZ catalyst demonstrated that ethane 
reacts significantly faster than methane under sulphur free conditions [22]. Steam reforming of 
methane on supported Rh catalysts was reported to proceed at higher rates on steps and corners 
surface sites [30], i.e. on small, highly dispersed metal crystallites which strongly interact with the 
support, particularly alumina. The inverse spillover of adsorbed H2O from the support to the metal 
was recognized as a key step in the overall steam reforming reaction since it is an effective source 
of H2O for the Rh sites on which dissociation occurs [31,32]. The resulting adsorbed oxygen and 
hydroxyl then oxidize the adsorbed CHx species [32]. In a previous work [17] it was shown that 
under CPO conditions sulphur preferentially chemisorbs on those highly dispersed Rh crystallites, 
hindering the reaction with the surface hydroxyl groups of the alumina. However, the access of 
reactants to larger metal sites is less affected by chemisorbed sulphur [17] and H2O adsorbed on the 
metal not only results from inverse spillover from the support [32]: therefore some residual activity 
for steam reforming is preserved [17,29]. It is reasonable that the reforming activity on those free 
Rh active sites is higher for ethane rather than for methane, which in turn explains the lower adverse 
impact of S on the conversion of the fuel to syngas and on the corresponding temperature increase. 
As a consequence, for the same value of PH2S=PH2 at the exit of catalytic reactor, the same Rh 
catalyst self-sustained higher temperatures during CPO of methane rather than of ethane (Fig. 5b), 
whereas the opposite holds for S-free feeds. The slight increase in CH4 flow at high S levels (Fig. 
3c), which was observed for CPO experiments on Rh at both temperature levels but not on Pt (see 
Fig. 7), could be related to the inhibition of the SR consuming some methane formed in the gas 
phase, in analogy with what observed in the CPO of CH4 over the same Rh catalyst [16], or to the 
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re-activation of the hydrogenolysis reaction. Many investigations of ethane CPO at higher C/O feed 
ratios report that production of C2H4 occurs in the gas phase [7-12], though it is very low in the 
presence of Rh catalysts [26], whereas molar yields in excess of 60% can be attained on Pt based 
systems [7,9-12]. Recently it was shown by detailed spatial and temperature profiles that a definite 
correlation can be made between C2H4 production and reactor temperature, since >750 °C are 
required for the onset of homogeneous (oxygenative) dehydrogenation reaction [2]. Nevertheless, 
for any net C2H4 production to be measured, ethylene consumption routes have to be slower than its 
formation rate [5-6]: it was suggested that the high reforming activity of Rh, opposed to that of Pt, 
competes with cracking chemistry that occurs in the gas phase, by consuming both the reactant 
C2H6 and the product C2H4 [5-6]. This interpretation is herein supported by the progressive increase 
in the C2H4 flow from Rh monolith (Fig. 4 and Table 1), that is associated to the inhibiting effect of 
S on reforming reactions.  
It was already recalled that reforming of C2H4 and C2H6 proceeds at similar rates on Rh/YSZ [22], 
with slight differences that can be attributed to the activation of hydrogenolysis in the case of ethane 
feed. Therefore, it can be argued that S inhibits simultaneously those reforming reactions, thus 
favouring the homogeneous ethylene formation chemistry, since also the temperature level 
increases, due to the lack of endothermic heterogeneous chemistry [6]. 
 
4.3.2 Pt catalyst 
 
Fig. 6 compares the catalytic activities of supported Pt and Rh catalysts during the CPO of ethane 
with air in the absence or with various concentrations of SO2 in the feed.  
 
Figure 6: Comparison of steady state temperatures (at the exit of the catalysts), C2H6 conversions, 
CO and H2 yields on Rh- and Pt-based monoliths in the absence and presence of SO2. Feed C2H6: 
20 Sl/h, C/O=1, air as oxidant, pre-heating 235 °C 
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Regardless of the sulphur level, the Pt catalyst showed lower ethane conversion and yield to syngas 
than Rh, while operating at higher temperature in the last section of the catalytic monolith. Previous 
works clearly demonstrated that Rh more rapidly consumes O2 (under full external mass transfer 
control) in the first part of the reactor where a hot spot forms due to the large exothermicity 
confined in a small region [1,4-6]; on the other hand the slower reaction between C2H6 and O2 on Pt 
can extend over the entire length of the catalyst resulting in an increase in temperature along the 
monolith with a maximum close to its exit [5]. Furthermore, Rh displays a significantly higher 
reforming activity compared to Pt: the activity gap between the two noble metals increases further 
moving from CH4 to C2H6, since the reported order of activity was C2H6>CH4 on Rh and the 
opposite on Pt [22]. 
 
 
 
Fiure 7: Effect of SO2 addition on the steady state flows of products from the Pt/LA monolith during 
the CPO of ethane in air. Feed C2H6: 20 Sl/h, C/O=1,GHSV 6.7x10
4
 h
-1
, pre-heating 235 °C. 
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 Product flows (Sl/h) Differences 
S (ppm) 0 3 58 Δ(3-0) Δ(58-3) 
C2H6 1.72 2.14 2.68 0.42 0.54 
CH4 1.17 0.79 0.38 -0.38 -0.40 
C2H4 0.024 0.079 0.137 0.055 0.058 
CO 33.27 32.61 31.76 -0.66 -0.85 
CO2 2.08 2.19 2.22 0.09 0.03 
H2 49.74 48.54 46.71 -1.20 -1.83 
H2O 2.74 3.32 4.21 -0.58 0.89 
H2/CO 1.5 1.49 1.47 - - 
 
Table 2: Effect of SO2 addition at various concentrations on the steady state flows of products from 
the Pt/LA monolith during the CPO of ethane in air. Feed C2H6: 20 Sl/h, C/O=1, pre-heating 
235°C. 
 
A closer look at flow rates of products from the Pt catalyst under S-free conditions (Fig. 7a-c and 
Table 2) shows that methane production was about the half with respect to the Rh catalyst (Table 1), 
in good agreement with the higher hydrogenolysis activity of Rh in comparison to Pt [22-25]. Apart 
from that, the lower flows of H2 and CO formed on Pt in comparison to Rh, and the associated 
higher amount of H2O, stoichiometrically correspond to a lack of contribution from steam 
reforming of ethane. However the Pt catalyst displayed a higher tolerance to sulphur addition than 
its Rh-based counterpart (Figs. 6 and 7, Table 2): the temperature at the exit of the Pt monolith 
showed a progressive but rather limited increase (only 40 °C for 58 ppm of SO2); ethane 
conversion, as well as the yields to H2 and CO were negatively affected by sulphur, but the 
corresponding drops were generally smaller in comparison to those measured on Rh catalyst for the 
same level of S. In a qualitative analogy with the case of Rh catalyst, sulphur addition adversely 
impacted on the catalytic conversion of ethane to methane also over Pt (Fig. 7c), but the decrease in 
CH4 flow for increasing S levels was not as steep as for Rh and it accounted for less than a half of 
the surplus ethane found in the product stream with respect to S-free conditions (Table 2). Moreover 
the catalytic steam reforming of ethane and ethylene were partly inhibited also on Pt as suggested 
by the parallel increase of reactants C2H6, C2H4 and H2O (Fig. 7b,c; Table 2). Moving from 0 to 58 
ppm of SO2 in the feed to the ethane CPO reactor, the net production of ethylene increased much 
more over the Rh catalyst (from 2.4*10
-2
 to 13.7*10
-2
 Sl/h) than over Pt catalyst (from 0.18*10
-2
 to 
5.8*10
-2
 Sl/h) (Tables 1 and 2), thus confirming what was previously argued that (ethylene) 
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reforming activity is an important distinguishing characteristic in determining higher yields of C2H4 
over Pt than Rh [5-6]. Here two further observations can be made: a) the limited reforming activity 
of Pt still competes with the homogeneous chemistry of formation of C2H4; b) the balance between 
the contributions of the homogeneous formation of C2H4 and its heterogeneous consumption can be 
altered by the poisoning effect of sulphur on the catalytic steam reforming and hydrogenolysis 
reactions. Therefore, the selective S-poisoning of the catalytic sites responsible for the undesired 
reactions consuming both C2H6 and C2H4 can be proposed as a strategy to increase the selectivity 
and the yield to ethylene during the oxygenative dehydrogenation of ethane at short contact time 
(i.e. with feed ratio C/O=2/1) over Pt based catalysts. Further investigation to check this approach 
have been discussed in Chapter 5.  
 
4.4 Conclusions 
 
Sulphur poisoning during the CPO of ethane to syngas under self-sustained conditions at high 
temperature was studied over Rh- and Pt-based honeycomb catalysts. Steady state and transient 
experiments with addition/removal of up to 58 ppm of SO2 to the feed demonstrated that S-
poisoning is rapid, completely reversible, directly dependant on S-concentration, and leads to a new 
steady state characterised by a higher surface temperature of the catalyst and a correlated drop in 
fuel conversion and yield to syngas. Rh catalyst, which is more active than Pt with S-free feed, 
mainly due to its higher activity for steam reforming and hydrogenolysis of ethane, is also more 
prone to the adverse impact of sulphur, which strongly and preferentially adsorbs on highly 
dispersed Rh crystallites. A close examination of the variation in the flows of the main products 
from the Rh-based monolith and a simplified heat balance of the CPO reactor indicate that sulphur 
selectively inhibits ethane hydrogenolysis and, to a lower extent, steam reforming of ethane and 
ethylene, in good agreement with the reported structure sensitivity of those reactions on supported 
metals. A third inhibiting effect of sulphur on the kinetics of the reverse water gas shift reaction was 
observed only for operation with Rh at temperatures below 750 °C, and prevented the WGS 
equilibrium to be reached, in contrast to what normally observed during CPO over Rh. The 
combined poisoning effect of hydrogenolysis and r-WGS at low sulphur concentrations during 
ethane CPO in air with Rh-based catalyst explains the apparently surprising increase in the H2 yield 
above its equilibrium value recorded with a simultaneous drop in fuel conversion. The higher 
reforming reactivity of ethane in comparison to methane limits the adverse impact of sulphur on the 
overall production of syngas and on the associated risk of catalyst overheating during CPO. 
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Finally, it was shown that sulphur poisoning significantly increases the net production of ethylene 
particularly over Rh catalyst, but also over Pt, discovering the role of heterogeneous reactions 
consuming both the reactant (ethane) and the product (ethylene) of the gas phase dehydrogenation 
chemistry, which occurs simultaneously supported by the high temperatures in the CPO reactor. 
Thus selective S-poisoning of catalytic sites can be used as a strategy to alter the balance and 
synergy between homogeneous and heterogeneous chemistry in the CPO of highly reactive feeds. 
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5. Ethane Catalytic Partial Oxidation to Ethylene with Sulphur and Hydrogen 
Addition over Rh and Pt Honeycombs  
 
5.1 Introduction 
 
Light olefins are the most important building blocks for the polymers industry and the world 
demand for ethylene and propylene is expected to increase significantly in the next decade [1-2]. 
Ethylene and Propylene are obtained primarily through Steam Cracking which is carried out in 
process equipment similar to a steam methane reformer and represents also the most energy 
consuming process in the chemical industry [3] despite the technological improvements occurred in 
more than 50 years. The catalytic oxidative conversion of light alkanes to olefins has attracted some 
interest as an alternative technology with potentially low capital investment, improved energy 
efficiency and reduced NOx and CO2 emissions [4-6]. It is accepted that the formation of ethylene 
in a catalytic partial oxidation (CPO) reactor is the result of a complicated chemistry with 
interacting hetero-homogeneous reaction paths. In order to have any net production of ethylene, the 
catalytic reforming reactions which consume both the reactant and the product, have to be slower 
than the homogeneous formation of the desired olefin.  
Sulphur is recognized as the responsible for the inhibition of endothermic reforming reactions 
during the CPO of methane and ethane to syngas, as established in the last two chapters: its 
detrimental effect is higher on Rh than Pt, in fact, Pt has a lower activity in steam reforming 
reaction but is more S-tolerant. The purpose of this chapter is to explore the selective S-poisoning 
of catalytic steam reforming of C2H6 and C2H4 as a strategy to increase the process selectivity and 
yield to ethylene during the CPO of ethane to ethylene, allowing at the same time to shed light on 
the complex interaction of hetero-homogeneous chemistry available in a C2H6 CPO reactor. 
Accordingly, it has been investigated the effect of S addition during the CPO of ethane for ethylene 
production (feed ratio C2H6/O2=2) over γ-alumina supported Rh and Pt catalysts washcoated onto 
honeycomb monoliths. It has been also studied the effect of sulphur addition during the CPO of 
ethane with H2 co-fed as sacrificial fuel, to further probe the differences between Pt and Rh. 
 
5.2 Experimental Procedure 
 
Standard supported Rh and Pt catalysts (respectively 1 and 2% by weight of the alumina, in order to 
obtain similar atomic concentrations) were prepared via repeated incipient wetness impregnations 
as describe in Chapter 2.1.1. The catalytic tests were carried out on monolith samples as described 
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in Chapter 2.2.1, under self-sustained pseudo-adiabatic conditions and an overall pressure of P=1.2 
bar, with a C2H6/O2 feed ratio=2 (stoichiometric for ethylene production via oxidative 
dehydrogenation), with or without the addition of H2 as a sacrificial fuel (H2/O2= 2). The impact of 
sulphur addition to the feed (up to 51 ppmv SO2) was investigated under both transient and steady 
state operation of the CPO reactor at fixed preheating and nitrogen dilution (respectively, 350◦C 
and 25 %vol; 295°C and12.5 %vol with H2 co-feed). 
 
5.3 Results and Discussion 
 
5.3.1 CPO operation at C2H6/O2 = 2 
Table 1. Predicted adiabatic equilibrium values with initial conditions as for the ethane CPO 
experiments: temperature, ethane conversion, C- and H- yields to the main species were calculated 
with or without solid carbon formation and H2 addition as sacrificial fuel. 
Adiabatic equilibrium for a feed ratio C2H6/O2 = 2 predicts (Table 1) complete oxygen and ethane 
conversions with a yield to solid carbon Cs in excess of 50% and no formation of C2H4, which, 
together with C2H2, can be regarded as intermediates in the decomposition of C2H6 towards 
equilibrium. In fact if one excludes Cs formation from equilibrium calculations (Table 1), ethane 
conversion remains complete but it yields a large formation of CH4 (ca. 47%) with a concomitant 
drop in H2 production, and a bit of C2H4 (ca. 2%) and C2H2 (1%). A similar picture is obtained 
when the feed contains also H2 (H2/O2=2), with the only difference that C2H4 is hardly seen also 
when excluding Cs formation from the equilibrium (Table 1). The presence of 50 ppm of SO2/H2S 
does not alter the equilibrium compositions of the mixtures. 
Feed 
C2H6/O2/H2/N2 
Tad 
X 
C2H6 
YC 
Cs 
YC 
CO 
YC 
CO2 
YC 
CH4 
YC 
C2H4 
YC 
C2H2 
YH 
H2 
YH 
H2O 
°C (%)  
2/1/0/1 @ 
350°C 
730 100 54.2 35.2 3.3 7.3 0.0 0.0 84.7 5.5 
excluding Cs 950 99.9 ---- 50.0 0.0 46.8 2.1 1.0 35.7 0.0 
2/1/2/1 @ 
295°C 
713 100.0 51.9 32.5 3.3 12.3 0.0 0.0 76.3 7.3 
excluding Cs 857 100.0 ---- 50.0 0.0 49.9 0.1 0.0 33.4 0.0 
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During the initial phase of operation (30-60 min after ignition) with the Pt honeycomb catalyst, the 
non-closure of carbon balance between feed and products (ca. -3%) indicated the formation of solid 
carbon deposits. After that initial transient phase, carbon accumulation (if any) was not evident. 
Visual inspection of the reactor assembly, as well as temperature profiles and COx evolution during 
oxidation tests performed in an air stream just after operation in the CPO of ethane, confirmed the 
presence of solid carbon deposits both on the surface of the Pt catalyst as well as on the back 
radiation shield (Figure 1). This was not observed during ethane CPO with the Rh-based 
honeycomb. 
Figure 1. Pt-based honeycomb catalyst together with front and back heat radiation shields (mullite 
foams) after operation in the self-sustained ethane CPO at C2H6/O2=2 
 
Experimental results for the CPO of ethane with either Rh and Pt catalysts are presented and 
compared in Figure 2 and Table 2 in terms of fuel conversion and yields or flows of the main 
products. 
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Figure 2. Integral reactor performance during the ethane CPO over Rh- and Pt-based honeycomb 
catalysts, under sulphur free conditions and with addition of 51 ppm SO2 to the feed. C2H6/O2/N2 = 
50/25/25 Sl/h, preheating 350°C.  
 
Table 2. Product distribution from the ethane CPO reactor and catalyst temperature during steady 
state operation with Pt- and Rh- based honeycombs. Feed C2H6/O2=50/25 Sl/h, preheating 350°C, 
eventual addition of 51 ppmv SO2. 
Under S-free conditions both catalysts showed a C2H6 conversion around 50%, while the Rh-based 
catalyst converted slightly less ethane than its Pt-counterpart (54% vs. 48%), and mainly formed 
CO and H2 with high selectivities (94 % and 98 %, respectively), whereas the C- selectivity to 
ethylene was very low (below 1 %) and almost no water was found in the products. By contrast Pt 
Feed Composition 
C2H6/O2=50/25 (Sl/h) 
Tcat X C2H6 CO CO2 CH4 C2H4 C2H2 C3+ H2 H2O 
°C % Sl/h 
S-free           
Pt 845 56.2 34.9 3.14 1.50 8.01 0.01 0.16 55.3 9.18 
Rh 784 49.3 46.5 1.69 0.24 0.45 0.00 0.00 70.4 0.18 
+ SO2 51 ppmv           
Pt 851 56.7 34.0 3.14 1.53 8.70 0.01 0.18 54.7 9.60 
Rh 821 49.2 43.1 1.28 0.41 2.17 0.00 0.00 62.0 4.32 
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catalysts formed significant amounts of ethylene (with 29 % C-selectivity) and water, which was 
compensated by a lower process selectivity towards CO and H2 (62 % and 65 %, respectively). 
Product distributions qualitatively agree with several previous reports in the literature, showing 
little ethylene formation on Rh catalysts, in contrast to Pt (and perovskite) based catalysts [6,7-9]. A 
closer examination reveals that relatively high selectivities to CO and H2 were obtained with our 
Pt/γ-alumina honeycomb as opposed to Pt on bare monoliths [7-10]: in fact this corresponds to the 
effect of noble metal dispersion on a large surface area washcoat [11], which was shown to 
markedly lower ethylene selectivity in favour of syngas, while also reducing ethane conversion. 
Those observations point to a complex interaction between hetero-homogeneous reaction paths: 
ethylene is primarily formed by gas phase radical reactions (exemplified by eq. (5.1), (5.2)) driven 
by the heat of surface oxidations [7-8,12], and is eventually consumed by parallel or consecutive 
catalytic reactions mainly leading to syngas (eq.5.3, 5.4) [8], which are much faster than in the gas 
phase [13]. It follows that the reforming activity, which depends on type of metal and generally 
increases with metal dispersion, serves to distinguish catalysts for the C2H6 CPO [8].     
C2H6 ↔ C2H4 + H2,                         
    = +136 kJ/mol                                                               (5.1) 
C2H6 + 0.5O2 → C2H4 + H2O,         
    = - 136 kJ/mol                                                              (5.2) 
C2H4 + 2H2O ↔ 2CO + 4H2,          
    = +315 kJ/mol                                                               (5.3) 
C2H6 + 2H2O ↔ 2CO + 5H2,          
    = +347 kJ/mol                                                               (5.4) 
CH4 + H2O ↔ CO + 3H2,               
    = + 206 kJ/mol                                                              (5.5) 
C2H6 + H2 ↔ 2CH4,                       
    = - 65 kJ/mol                                                                  (5.6) 
Several authors have shown that Rh displays a significantly higher activity than Pt for surface 
oxidation reactions [8,14] as well as for steam reforming reactions [8,11,14-15]. Accordingly, Rh 
catalyst operated at a lower temperature level than its Pt counterpart (Table 2), at least in the second 
part of the CPO reactor, where the highly endothermic surface reforming chemistry prevails in the 
presence of Rh active sites [8,13-14], whereas exothermic oxidation reactions can still occur on Pt 
[8]. Indeed the almost complete lack of water observed in the effluent gas from our Rh CPO reactor 
(Table 2) confirms that H2O was initially formed in the first oxidation part of the catalytic 
honeycomb, and then progressively consumed further downstream by reforming [8].  
The lower ethane conversion measured for Rh with respect to Pt (Table 2) apparently contrasts with 
the higher activity of the former, as well as with the results reported in the previous chapter, during 
ethane CPO at lower feed ratio (C2H6/O2=1) over identical catalysts. However, it can be argued that 
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the higher temperature level in the Pt-based honeycomb can support more effectively the 
homogeneous chemistry of ethane, which tends to prevail over surface reactions under oxygen 
deficient CPO conditions and with a less active catalyst. Indeed it was demonstrated by detailed 
spatial-profiles along Rh and Pt based ethane CPO reactors that ethylene formation occurred only 
when the (gas) temperature exceeded ca. 750°C and O2 was still present in the gas [8].  
The limited activity of Pt catalyst for the steam reforming of hydrocarbons (eq. 5.3-5.5) under CPO 
conditions can be the result of a self poisoning effect due to surface carbon coverage. This was 
recently demonstrated by Raman spectroscopy studies performed in situ on a Pt polycrystalline foil 
operated in the CPO of CH4 [16] and after reaction, along a Pt/α-Al2O3 foam catalyst [17]: a 
substantial amount of carbonaceous deposits were found to block the majority of active Pt sites 
therefore inhibiting the reforming activity of the catalyst. 
However, previous works on ethane CPO with Pt catalysts [7-8] found that the largest part of C2H4 
was formed in the back heat shield, thus only after the catalyst, where ethylene consumption due to 
steam reforming is no more expected. 
Additionally the Pt-based honeycomb yielded some small amounts of C3+ hydrocarbons and 
acetylene (Table 2), which were hardly measured (or not detected at all) for CPO on Rh. More 
methane was formed with Pt rather than with Rh (Tab.2), in contrast to the substantially higher 
catalytic activity of Rh for ethane hydrogenolysis (5.6) [15]. All those results could be interpreted in 
support of the hetero-homogeneous reaction scheme with homogeneous chemistry (oxy-cracking) 
prevailing within and after the Pt monolith. A further proof comes from the carbon deposits found 
on the back heat shield after the Pt monolith (Fig. 1), which were not found with the Rh 
honeycomb, in spite of the comparable temperatures and partial pressures of unconverted ethane. 
 
5.3.2 Sulphur addition 
Sulphur addition was studied in order to prove the contribution of some of the heterogeneous 
reactions to the overall performance of the ethane CPO reactor, taking advantage of the inhibiting 
effect of that poison, which selectively targets the noble metal and adversely affects steam 
reforming more than oxidation reactions [18-20], and should not impact on the gas phase chemistry.  
The transient response to the addition and subsequent removal of 51 ppm of SO2 to the feed of the 
CPO reactor operating at C2H6/O2=2 is presented in Figure 3 in terms of temperature profiles for the 
catalytic honeycomb and for the exit gas. 
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Figure 3. Transient response of the ethane CPO reactor to SO2 addition (51ppm) and subsequent 
removal:  temperatures measured in the centre of the Rh- and Pt- based catalytic honeycombs and 
in the gas leaving the reactor. Feed C2H6/O2=50/25 Sl/h, preheating 350°C. 
The temperature level rapidly increased over the Rh catalyst from ca. 780°C to ca. 820°C, and a 
new steady state was reached within 10 minutes. In analogy with results previous showed at lower 
feed ratio, the inhibiting effect of sulphur on Rh was reversible, as confirmed by the recovery of the 
original temperature levels, both inside the catalyst and in the product gas, within a similar time 
scale after the SO2 flow was switched-off. A quite small and reversible effect was recorded for the 
Pt honeycomb, whose temperature increased by only 5 °C (Table 2). Prolonged operation of the Pt 
catalyst with sulphur appeared to induce a slow progressive increase in temperature which was 
accompanied by deposition of solid carbon, probably due to gradual loss of Cs gasification activity 
[16-17,21].   
Figure 2 and Table 2 summarize the integral CPO reactor performance in the presence of sulphur.  
It can be observed that the addition of SO2 only marginally impacted on the product distribution 
from the Pt catalyst. Ethane conversion was almost unchanged and ethylene yield increased slightly 
(+1.4%), which was accompanied by a decrease in the formation of CO and H2, suggesting a small 
inhibiting effect of sulphur on the catalytic steam reforming of C2H4. On the other hand, ethylene 
formation on Rh catalysts increased by as much as 5 times due to sulphur addition to the feed, 
whereas ethane conversion remained unchanged.  
A careful comparison of the variation in the molar flows of products induced by sulphur addition 
(Table 2) indicated that roughly 2 moles of CO and almost 5 moles of H2 disappeared, and 2 more 
moles of H2O were produced for every additional mole of C2H4 formed. The overall stoichiometry, 
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as well as the heat effect induced by sulphur are compatible with the inhibition of the endothermic 
steam reforming of ethane or ethylene. However, no direct conclusion can be drawn on whether the 
ethylene already formed was not consumed anymore by catalytic reforming, or some additional 
ethane was dehydrogenated to ethylene instead of being reformed away. A combination of the two 
effects can be inferred considering that: i) the temperature increase in the second half of the catalyst 
(above 750 °C) could speed-up the homogeneous ethane dehydrogenation, ii) the steam reforming 
of C2H6 or C2H4 occur at comparable rates on Rh [15] and S poisoning is expected to slow down 
both reactions without altering the relative reactivity. 
During the self sustained CPO of ethane to produce syngas the inhibiting effect of sulphur on the 
activity of Rh appeared  to saturate above 30-50ppm (depending on inlet conditions) [see chapter 4], 
even if the steam reforming activity was never completely shut down [20,22]. The observation that 
markedly larger amounts of ethylene and water were obtained with the Pt catalyst (respectively 4x 
and 2x, Table 2), even when the rate of steam reforming reactions on Rh was severely diminished 
by S-poisoning, confirms a faster production of C2H4. This is related to the lower rate of O2 
consumption by surface reactions on Pt, which leaves oxygen available in the gas phase throughout 
the CPO reactor (and even after it), as opposed to Rh catalyst, which consumes all of the O2 in a 
short section close to its entrance [8,14]. Therefore, in the Pt-based CPO reactor the gas phase 
formation of ethylene can proceed via the oxidative dehydrogenation path (5.2) that is significantly 
faster than the ethane thermal cracking route (5.1) [8,22], the main available route with the Rh 
catalyst.  
 
5.3.3 Sulphur addition with sacrificial H2  
 
To further probe the differences between Pt and Rh the effect of sulphur addition during the CPO of 
ethane with H2 co-fed as sacrificial fuel was also studied, as H2 was proved to significantly enhance 
ethylene yield [6,10,23-24]. H2 rather than C2H6 is preferentially oxidized on Pt based catalysts with 
the molecular oxygen [10,24], so that: i) more ethane is free to react to form C2H4, and ii) more heat 
is produced for each mole of oxygen consumed [12], thus increasing the temperature and boosting 
the homogeneous dehydrogenation reactions from the very beginning of the catalytic monolith [8]. 
Figure 4 and Figure 5 report the exit flow rates of the main species form Pt and Rh catalysts and the 
corresponding temperatures in the catalytic honeycomb as a function of SO2 content in the feed.  
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Fig. 4. Effect of SO2addition on the flow rates of the main products and on catalyst temperature 
during the CPO of ethane with H2 added as sacrificial fuel over the Pt-based honeycomb. Feed 
C2H6/O2/H2= 50/25/50 Sl/h, preheating 295°C. 
 
Fig. 5: Effect of SO2addition on the flow rates of the main products and on catalyst temperature 
during the CPO of ethane with H2 added as sacrificial fuel over the Rh-based honeycomb. Feed 
C2H6/O2/H2= 50/25/50 Sl/h, preheating 295°C. 
 
The same results are conveniently reported in Table 3 in terms of variations registered when passing 
from 0 to 34 ppm of SO2 in the feed to the CPO reactor.  
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Feed Composition 
(Sl/h) 
C2H6/O2/H2=50/25/50 
Δ (SO2 34ppm  – 0ppm) 
ΔTcat ΔC2H6 ΔCO ΔCO2 ΔCH4 ΔC2H4 ΔH2 ΔH2O 
 °C Sl/h 
Pt +19 -3.1 -4.0 -0.9 +0.6 +5.0 -9.5 +5.8 
Rh +72 +0.9 -4.4 -1.0 -0.3 +1.8 -13.4 +6.3 
Table 3. Variation in the flow rate of the main products induced by S poisoning with 34 ppm of SO2 
during the ethane CPO with H2 co-fed as sacrificial fuel over Pt- and Rh- based honeycombs. Feed 
C2H6/O2/H2=50/25/50 Sl/h, preheating 295°C. 
 
As expected, under S-free conditions, the H2 addition produced an increase in the ethylene yield on 
Pt at the expense of COx (Table 2 and Figure 4). This was not the case with the Rh monolith (Figure 
5), whose performances were hardly modified by H2 in the feed.  
The addition of increasing quantities of sulphur induced a reduction in H2 and CO formation over 
both catalysts with the simultaneous increase in water and temperature levels. The inhibiting effect 
on syngas formation levelled-off on Pt for relatively low S levels, whereas it was more progressive 
on Rh catalyst (Figures 4 and 5). At the maximum SO2 concentration in the feed, the drop of CO 
production was similar for the two catalysts; the variations in the flows of H2 were correspondingly 
larger by a factor 2.4 for Pt and 3 for Rh (Table 3). A temperature increase of ca. 20°C was 
measured on the Pt catalyst, whereas it was almost 4 times larger for Rh. 
An important difference between the two catalyst regards the conversion of ethane, that increased 
for Pt in the presence of sulphur (from ca. 53 % to ca. 60 %), whereas it slightly decreased for Rh 
(from 43 % to 40.5 %).  
More ethylene was formed with both catalysts in the presence of sulphur. The positive effect was 
larger for Pt which displayed an increase in ethylene flow by 5 Sl/h (Table 3) corresponding to as 
much as 10 % points of yield. It is observed from Table 3 that the surplus C2H4 formed on Pt 
largely exceeded the extra amount of ethane that was converted; on the other hand C2H4 and 
unconverted C2H6 increased together with S addition to the Rh catalyst.  
In general it appears that S-poisoning impacted more on ethane conversion and ethylene formation 
when H2 was co-fed as sacrificial fuel to the CPO reactor. This is especially true if one considers 
that, for equivalent S levels in the feed, the higher partial pressure of H2 should lower the 
equilibrium S-coverage of the metal active sites [19]. For both catalysts a new effect of sulphur can 
be argued that is related to the clear shift in oxygen utilization towards H2O rather than COx, 
suggested by the simultaneous drop of CO2 and CO flows (Figs. 4 and 5, Tab. 3). Indeed S-
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poisoning seems to favour the selective oxidation of H2 by slowing down the catalytic oxidation of 
ethane: in turn this would explain the temperature rise [12] measured also for Pt in contrast to the 
results found on the same catalyst when operated without any sacrificial fuel. Having a higher 
temperature and more C2H6 free to react, larger quantities of ethylene can be formed via the 
homogeneous (oxidative) dehydrogenation. 
The poisoning effect on the catalytic steam reforming was still predominant for Rh and increased 
progressively with sulphur concentration, as indicated by the increasing trends of C2H4, C2H6 and 
H2O and temperature (Fig. 5), whereas it was still rather limited on Pt.  
Finally, sulphur poisoning on Pt catalyst slightly enhanced the formation of methane as well as of 
other minor species such as C2H2 and C3+. Since pre-sulphidation was shown to significantly 
reduce the hydrogenolysis activity of Pt/Al2O3 catalysts [25], it can be argued that CH4 formation 
occurred mainly in the gas phase and increased following the rise in temperature and process 
severity [6,26]. In contrast, almost no acetylene or C3+ were detected in the case of Rh catalyst 
regardless the addition of sulphur. The exit CH4 flow on Rh, which was lower than on Pt under S 
free conditions, dropped further for the first addition of sulphur. According to the previous results 
(Chapter 4), this could to be related to a strong sulphur poisoning effect on the ethane 
hydrogenolysis (5.6) [25], which proceeds at a much higher rate on supported Rh rather than on Pt 
catalysts [14]. The slight recovery of CH4 formation on Rh catalyst for higher S levels might derive 
from the gas phase chemistry and/or a stronger inhibition of its consumption by catalytic steam 
reforming (eq. 5) [18-20].    
 
5.4 Conclusions 
Transient and steady state ethane CPO tests were run under self-sustained high temperature 
conditions over Rh and Pt honeycomb catalysts in order to investigate the impact of sulphur 
poisoning on ethylene production by addition/removal of ppm levels of SO2 to the feed at 
C2H6/O2=2 .The addition of SO2 only marginally impacted on the product distribution and 
temperature of the Pt catalyst, confirming that ethylene was mainly formed in the gas phase and 
possibly downstream of the catalyst. In contrast ethylene formation increased by as much as 5 times 
on Rh with sulphur added to the feed, which was accompanied by a significant temperature increase 
on the catalyst, whereas ethane conversion was unaltered. The effect of sulphur was compatible 
with the selective inhibition of the undesired steam reforming of ethane/ethylene, which was thus 
probed to significantly limit the yield to olefin for the Rh catalyst. Nevertheless, even when the rate 
of steam reforming reactions on Rh was severely diminished by S-poisoning, markedly larger 
amounts of ethylene and water were obtained with the Pt catalyst, thus confirming a faster 
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production of C2H4 in the gas phase. Regardless of sulphur addition, Pt displays a lower catalytic 
consumption rate of O2 which in turn boosts ethylene formation in the CPO reactor via 
homogeneous oxidative dehydrogenation of ethane, that is significantly faster than its thermal 
cracking, the main available path with a Rh catalyst. 
When H2 was co-fed as a sacrificial fuel, sulphur addition induced stronger effects on the CPO 
reactor performance either for Rh and also for Pt honeycombs, showing a larger increase in ethylene 
formation and catalyst temperature. In this case an additional positive feature of the S-poisoning 
was inferred that is related to an enhancement in the selectivity of the catalytic oxidation of the 
sacrificial H2 rather than ethane feed. The lower consumption of ethane/ethylene obtained by 
sulphur addition through the direct inhibition of their catalytic partial oxidation and steam 
reforming, combined with the consequent increase in the temperature level of the CPO reactor, 
remarkably enhanced ethylene yield with the Pt catalyst, at the expense of a somehow larger coke 
formation. Under those tested conditions, methane formation appeared to occur mainly via thermal 
cracking for the Pt honeycomb, whereas a contribution from ethane hydrogenolysis was probed for 
Rh, which was substantially stopped by sulphur poisoning.  
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Overall conclusions 
 
The investigation of sulphur tolerance of a novel monolith catalyst based on Rhodium supported on 
Alumina and doped with phosphorous during the CPO of methane has demonstrated the superiority 
of this active phase over its undoped counterpart. Indeed, a good interaction obtained between Rh 
and Phosphorous has resulted in a metallic surface with higher CO chemisorption capacity than the 
reference catalyst and improved dispersion, leading to an enhancement of the specific steam 
reforming reaction rate. During CPO operations in presence of sulphur, P doped Rh catalyst was 
more S-tolerant, preserving an higher residual steam reforming activity than the reference catalyst, 
correlated to the metal sites capable to strongly bond CO.  
 
The beneficial effect of P-doping has also been demonstrated during the dry reforming tests carried 
out at Technical University of Munich. Indeed, also in this reaction, the enhanced dispersion 
relative to phosphorous addition resulted in high activity and excellent stability of the catalyst, 
without any deactivation due to coke formation, on the contrary of previous results reported in 
literature on detrimental effect on steam reforming activity of ethane for P doped systems.  
 
The impact of sulphur poisoning has also been studied during the CPO of ethane to syngas over Rh- 
and Pt-based honeycomb catalysts. Accordingly to the results obtained for CPO of CH4, although 
the adverse impact of sulphur was more limited due to the higher reforming reactivity of ethane in 
comparison to methane, the addition of up to 58 ppm of SO2 to the feed resulted in a rapid, 
completely reversible, directly dependant on S-concentration, leading to a new steady state 
characterised by a higher surface temperature of the catalyst and a correlated drop in fuel 
conversion and yield to syngas. The two catalysts examined showed a different behaviour, in fact 
Rh catalyst which is more active than Pt with S-free feed, was affected in a higher extent by 
Sulphur addition than Pt. Three effects related to sulphur poisoning on Rh catalyst were found: 
inhibition of hydrogenolysis, steam reforming of ethane and ethylene and WGS, even if the latter 
was observed only for operation with Rh at temperatures below 750 °C. Finally, it was shown that 
sulphur poisoning significantly increases the net production of ethylene particularly over Rh 
catalyst, but also over Pt, discovering the role of heterogeneous reactions consuming both the 
reactant (ethane) and the product (ethylene) of the gas phase dehydrogenation chemistry. 
 
The addition of Sulphur to the ethane feed during CPO preformed at C2H6/O2=2 to obtain ethylene 
over Rh and Pt honeycombs, confirmed that  ethylene was mainly formed in the gas phase, as the 
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impact of sulphur on the olefin production over Pt catalyst was only marginal. On the other hand, 
the ethylene production increased by as much as 5 times on Rh with sulphur added to the feed, and 
this effect was explained through the selective inhibition of the undesired steam reforming of 
ethane/ethylene. The effects of sulphur on the CPO performance over both the catalysts were larger 
in the presence of H2 as a sacrificial fuel. Firstly, the selectivity of the catalytic oxidation of the 
sacrificial H2 rather than ethane feed was enhanced. Moreover, the sulphur poisoning of steam 
reforming pathways of both the reactant and desired product, coupled to the increase in the 
temperature level of the CPO reactor, remarkably enhanced ethylene yield with the Pt catalyst, at 
the expense of a somehow larger coke formation. 
 
 
